
COMBUSTION SYNTHESIZED COBALT

CATALYSTS FOR LIQUID FUEL GENERATION

VIA FISCHER TROPSCH REACTION

A Thesis

Submitted for the degree of

Doctor of Philosophy

In the Faculty of Engineering

by

SNEHESH SHIVANANDA AIL

CENTER FOR SUSTAINABLE TECHNOLOGIES

INDIAN INSTITUTE OF SCIENCE

BANGALORE - 560012

FEBRUARY 2016





Dedicated to

my teachers

&

all my friends





Acknowledgements

I express my deepest gratitude to Prof S Dasappa for accepting me as a

PhD student in the Center for Sustainable Technologies, for providing me with

cutting edge tools and experimental facilities at the Combustion Gasification

and Propulsion Laboratory (CGPL). I also thank him for the constant scholarly

support. I would like to thank Dr N K S Rajan for arranging splendid compu-

tational facilities at CGPL and for his motivational thoughts. I am extremely

thankful to Prof H S Mukunda for his valuable time, brilliant ideas and for all

the inspiration. I expressly thank him for his book Unerstanding clean energy

and fuels from biomass. I am also grateful to the entire team of technicians at

CGPL - without their support none of the experiments would have been possi-

ble. My sincere thanks to the members of the CGPL students room and other

friends at the Institute for useful discussions, suggestions and more than that for

making my stay at the Institute lively and memorable. I would like to thank the

Ministry of New and Renewable Energy (MNRE), Govt. of India for the financial

support. I would also like to thank the National Center for Combustion Research

and Development (NCCRD) for facilitating the analytical tools. I am thankful

to Prof Kashinath C Patil for his time and steady encouragement. I extend my

special thanks to my parents and my sister.

i



ii



Contents

1 Introduction 1

1.1 Background . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 1

1.1.1 Fast pyrolysis . . . . . . . . . . . . . . . . . . . . . . . . . 3

1.1.2 Transesterification of vegetable oils . . . . . . . . . . . . . 4

1.1.3 Bio-oil from algae . . . . . . . . . . . . . . . . . . . . . . . 5

1.1.4 Biomass to liquid (BTL) fuel via Fischer Tropsch . . . . . 6

1.2 Earlier literature . . . . . . . . . . . . . . . . . . . . . . . . . . . 7

1.2.1 Biomass gasification . . . . . . . . . . . . . . . . . . . . . 8

1.2.2 Fischer-Tropsch chemistry . . . . . . . . . . . . . . . . . . 10

1.2.3 FT catalysts . . . . . . . . . . . . . . . . . . . . . . . . . . 20

1.2.4 Catalyst parameters . . . . . . . . . . . . . . . . . . . . . 23

1.2.5 Realizing the BTL process - the economic aspect . . . . . 32

1.3 Summarizing the motivation for this work . . . . . . . . . . . . . 33

1.4 Thesis layout . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 34

2 Experimental materials and methodology 37

2.1 Catalyst synthesis . . . . . . . . . . . . . . . . . . . . . . . . . . . 38

2.1.1 Catalysts synthesis by IWI method . . . . . . . . . . . . . 39

2.1.2 Catalyst synthesis by combustion synthesis method . . . . 40

2.2 Catalyst Characterization . . . . . . . . . . . . . . . . . . . . . . 41

iii



2.2.1 BET surface area . . . . . . . . . . . . . . . . . . . . . . . 41

2.2.2 Simultaneous thermal analysis (DTA-TGA) . . . . . . . . 41

2.2.3 Fourier transform infra red (FT-IR) spectroscopy . . . . . 42

2.2.4 Temperature programmed reduction and desorption

(TPR-TPD) . . . . . . . . . . . . . . . . . . . . . . . . . . 42

2.2.5 X-ray diffraction (XRD) . . . . . . . . . . . . . . . . . . . 44

2.2.6 X-ray Photoelectron Spectroscopy (XPS) . . . . . . . . . . 45

2.3 Fischer Tropsch reaction . . . . . . . . . . . . . . . . . . . . . . . 46

2.3.1 Bulk catalyst reduction . . . . . . . . . . . . . . . . . . . . 46

2.3.2 Fixed bed FT reactor . . . . . . . . . . . . . . . . . . . . . 47

2.3.3 Product analysis . . . . . . . . . . . . . . . . . . . . . . . 49

2.4 Summary . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 53

3 Combustion synthesised γ-Al2O3 supported cobalt catalysts 55

3.1 Catalyst characterization . . . . . . . . . . . . . . . . . . . . . . . 55

3.1.1 Combustion reaction dynamics . . . . . . . . . . . . . . . 56

3.1.2 Temperature programmed reduction and desorption

(TPR/D) . . . . . . . . . . . . . . . . . . . . . . . . . . . 59

3.1.3 X-ray diffraction . . . . . . . . . . . . . . . . . . . . . . . 63

3.1.4 X-ray photoelectron spectroscopy . . . . . . . . . . . . . . 66

3.2 Fischer Tropsch reaction . . . . . . . . . . . . . . . . . . . . . . . 71

3.2.1 Product spectrum . . . . . . . . . . . . . . . . . . . . . . . 74

3.3 Summary . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 78

4 Silica-doped-alumina supported cobalt catalysts : Influence of

support on FT reaction 81

4.1 Earlier literature . . . . . . . . . . . . . . . . . . . . . . . . . . . 81

4.2 Support characterization . . . . . . . . . . . . . . . . . . . . . . . 83

4.2.1 Fourier transform infrared spectroscopy . . . . . . . . . . . 83

iv



4.2.2 X-ray diffraction . . . . . . . . . . . . . . . . . . . . . . . 84

4.2.3 X-ray photoelectron spectroscopy . . . . . . . . . . . . . . 85

4.3 Catalyst synthesis and characterization . . . . . . . . . . . . . . . 87

4.3.1 H2 temperature programmed reduction - desorption . . . . 87

4.3.2 NH3 temperature programmed desorption . . . . . . . . . 89

4.3.3 X-ray diffraction . . . . . . . . . . . . . . . . . . . . . . . 92

4.3.4 X-ray photoelectron spectroscopy . . . . . . . . . . . . . . 93

4.4 FT activity . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 95

4.4.1 Product spectrum . . . . . . . . . . . . . . . . . . . . . . . 97

4.5 Summary . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 103

5 Summarizing catalyst properties and overall hydrocarbon yield105

5.1 Catalyst properties . . . . . . . . . . . . . . . . . . . . . . . . . . 105

5.2 Overall hydrocarbon yield comparison . . . . . . . . . . . . . . . 107

5.3 Summary . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 109

6 Conversion, product yield and economics 111

6.1 Introduction . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 111

6.2 Biomass gasification unit . . . . . . . . . . . . . . . . . . . . . . . 112

6.3 Process flows and, mass and energy balance . . . . . . . . . . . . 115

6.4 Cost analysis . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 120

6.4.1 Effect of varying WHSV on the liquid fuel cost . . . . . . . 121

6.4.2 Sensitivity analysis for cost parameters . . . . . . . . . . . 126

6.5 Summary . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 128

7 Conclusions and future work 129

7.1 Future work . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 132

A XRD - instrumental broadening analysis 133

v



B Gas chromatograph calibration 135

B.1 GC - TCD-FID . . . . . . . . . . . . . . . . . . . . . . . . . . . . 135

B.2 GC - MS . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 136

C FT exit gas composition 139

D XPS - Survey spectra 145

vi



List of Figures

1.1 Widely used methods of converting biomass to liquid fuels . . . . 3

1.2 BTL schematic . . . . . . . . . . . . . . . . . . . . . . . . . . . . 7

1.3 Logarithmic molar product distribution as a function of carbon

number, for α=0.8, 0.7 and 0.6 [Steynberg and Dry, 2004] . . . . 15

1.4 FT product composition as a function of α . . . . . . . . . . . . . 15

1.5 Variation in the pressure drop with varying catalyst particle size

in a fixed bed FT reactor . . . . . . . . . . . . . . . . . . . . . . . 18

1.6 Variation in the overall thermal transmittance from the catalyst

bed to the reactor wall with varying catalyst particle size . . . . . 18

1.7 a.Multi-tubular fixed bed reactor; b.Slurry phase reactor; c.Fixed

fluidized bed reactor . . . . . . . . . . . . . . . . . . . . . . . . . 19

1.8 Site-time yield for cobalt catalysts supported on SiO2 , Al2O3 and

TiO2 as a function of fractional metal dispersion. FT conditions :

P = 2 MPa; T = 473 K . . . . . . . . . . . . . . . . . . . . . . . 22

1.9 Variation in cobalt reduction temperature and the FT activity

with varying metal loading . . . . . . . . . . . . . . . . . . . . . . 25

1.10 Effect of varying cobalt particle size on the reduction degree, TOF

and C5+ selectivity . . . . . . . . . . . . . . . . . . . . . . . . . . 26

1.11 Effect of calcination temperature on the overall FT activity . . . . 27

1.12 Effect of support on the extent of cobalt reduction and the FT

activity . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 28

1.13 The thesis organization . . . . . . . . . . . . . . . . . . . . . . . . 36

vii



2.1 Incipient wetness impregnation method of catalyst synthesis . . . 40

2.2 TPX unit consisting of the sample holder and the furnace section 44

2.3 Bulk catalyst reduction setup . . . . . . . . . . . . . . . . . . . . 47

2.4 Catalyst cell with the dimensions . . . . . . . . . . . . . . . . . . 48

2.5 Catalyst bed temperature during the FT reaction . . . . . . . . . 48

2.6 BROOKS mass flow controller calibration chart . . . . . . . . . . 49

2.7 FT reactor configuration indicating major components . . . . . . 50

2.8 Layout of the FT synthesis unit . . . . . . . . . . . . . . . . . . . 50

2.9 Cobalt catalyst activation regime . . . . . . . . . . . . . . . . . . 52

2.10 TGA-DTA ; GC-MS ; FT-IR ; muffle furnace; TPR-H2 chemisorp-

tion; bulk catalyst reduction . . . . . . . . . . . . . . . . . . . . . 53

2.11 X-ray photoelectron spectroscopy (XPS) & X-ray diffraction (XRD) 54

3.1 Temperature time profile for C6H12N4-Co(NO3)2.6H2O reaction . 58

3.2 Simultaneous thermogravimetric and differential thermal analysis

for CS and IWI catalysts . . . . . . . . . . . . . . . . . . . . . . . 59

3.3 FT-IR spectra of the supported redox precursors and calcined CS

catalysts . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 60

3.4 TPR spectra of IWI and CS catalysts . . . . . . . . . . . . . . . . 61

3.5 TPR profile of the standard Co3O4 sample . . . . . . . . . . . . . 63

3.6 TPR patterns of the reference materials to correlate with the Co-

alumina phases . . . . . . . . . . . . . . . . . . . . . . . . . . . . 64

3.7 XRD spectra of Al2O3 supported cobalt catalysts synthesized by

IWI method and CS method with equivalence ratio of 1 . . . . . . 66

3.8 XRD spectra of Al2O3 supported cobalt catalysts synthesized by

CS method with equivalence ratio of 1.2 and 1.5 . . . . . . . . . . 67

3.9 De-convoluted XPS spectrum of standard Co3O4 standard . . . . 68

3.10 XPS spectrum of Al2O3 supported cobalt catalysts synthesized by

IWI and CS method . . . . . . . . . . . . . . . . . . . . . . . . . 69

viii



3.11 XPS spectrum of Al2O3 supported cobalt catalysts synthesized by

CS method with equivalence ratio of 1.2 and 1.5 . . . . . . . . . . 70

3.12 CO conversion and selectivity for the synthesized Al2O3 supported

catalysts . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 72

3.13 Measured FT reaction rate over IWI and CS catalysts . . . . . . . 72

3.14 Variation in the FT activity for IWI and CS(φ=1.0) catalysts . . 73

3.15 Variation in the FT activity for CS(φ=1.2) and CS(φ=1.5) catalysts 74

3.16 C10-C24 hydrocarbons weight fraction for the synthesized catalysts 75

3.17 Variation in the liquid hydrocarbon and waxes weight fraction . . 76

3.18 The collected wax and C10-C24 fractions . . . . . . . . . . . . . . 77

4.1 FT-IR spectrum of the silica-doped-alumina support . . . . . . . 83

4.2 FT-IR spectrum of the SiO2 support . . . . . . . . . . . . . . . . 84

4.3 FT-IR spectrum of the Al2O3 support . . . . . . . . . . . . . . . . 85

4.4 Comparison of XRD spectrum of SDA supports with the Al2O3

and SiO2 spectra . . . . . . . . . . . . . . . . . . . . . . . . . . . 86

4.5 XPS spectra of the silica-doped-alumina support . . . . . . . . . . 87

4.6 TPR spectra of the SDA supported cobalt catalysts . . . . . . . . 89

4.7 NH3-TPD of SDA and Al2O3 support . . . . . . . . . . . . . . . . 91

4.8 NH3-TPD of IWI and CS catalysts . . . . . . . . . . . . . . . . . 91

4.9 XRD spectra of the silica-doped-alumina support . . . . . . . . . 92

4.10 XPS spectra of the SDA supported cobalt catalysts . . . . . . . . 94

4.11 CO conversion and hydrocarbon selectivity for SDA and Al2O3

supported catalysts . . . . . . . . . . . . . . . . . . . . . . . . . . 96

4.12 FT activity measured for SDA and Al2O3 supported catalysts . . 97

4.13 Variation in the CO conversion and HC selectivity with time on

stream, for SDA supported CO catalysts . . . . . . . . . . . . . . 98

4.14 Variation in the CO conversion and HC selectivity with time on

stream, for Al2O3 supported CO catalysts . . . . . . . . . . . . . 99

ix



4.15 Weight fraction of the C10-C24 hydrocarbons for SDA and Al2O3

supported cobalt catalysts . . . . . . . . . . . . . . . . . . . . . . 100

4.16 Weight fraction of the C24+ hydrocarbons for SDA and Al2O3

supported cobalt catalysts . . . . . . . . . . . . . . . . . . . . . . 101

4.17 Hydrocarbon yield (C5+) as a function of WHSV . . . . . . . . . 101

4.18 Variation in the weight fraction of the middle distillates and waxes

with WHSV . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 102

5.1 Summarizing the crucial FT catalyst properties synthesized in this

work . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 106

5.2 Comparison of the CO conversion and overall C5+ hydrocarbon

yield . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 108

5.3 CO conversion and overall C5+ hydrocarbon yield comparison with

catalysts from other literature sources . . . . . . . . . . . . . . . . 109

6.1 Oxy-steam gasification layout . . . . . . . . . . . . . . . . . . . . 113

6.2 Effect of steam to biomass ratio on the H2/CO ratio in the syngas

[Sandeep and Dasappa, 2014] . . . . . . . . . . . . . . . . . . . . 114

6.3 Variation in the syngas composition with time; SBR = 0.8, ER =

0.8 . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 115

6.4 Process flow description of the 1000 kg/h biomass to liquid fuel

plant, using oxy-steam gasification and Fischer Tropsch synthesis 119

6.5 Varying capital cost fraction of individual BTL components as a

function of decreasing syngas WHSV in the FT unit . . . . . . . . 122

6.6 Effect of increasing fuel-ratio on the net-grid electricity export and

on the electricity generation cost . . . . . . . . . . . . . . . . . . 123

6.7 Effect of increasing fuel-ratio on annual production rate and the

liquid fuel cost . . . . . . . . . . . . . . . . . . . . . . . . . . . . 124

6.8 Effect of the variation in the liquid fuel cost on the IRR, considered

for varying fuel ratios . . . . . . . . . . . . . . . . . . . . . . . . . 125

6.9 Liquid fuel cost variation with variation in the biomass cost . . . 127

x



6.10 Liquid fuel cost variation with variation in the operation and main-

tenance cost . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 127

A.1 X-ray diffraction pattern of the Si-polycrystalline standard . . . . 134

A.2 2-theta vs FWHM for Si-polycrystalline standard . . . . . . . . . 134

B.1 GC-FID chromatogram for gas phase hydrocarbon standards . . . 136

B.2 GC-MS chromatogram for liquid hydrocarbon standards . . . . . 137

D.1 Survey spectra of Al2O3 - IWI cobalt catalysts . . . . . . . . . . . 145

D.2 Survey spectra of Al2O3 - CS cobalt catalysts . . . . . . . . . . . 146

D.3 Survey spectra of SDA - IWI cobalt catalysts . . . . . . . . . . . 146

D.4 Survey spectra of SDA - CS cobalt catalysts . . . . . . . . . . . . 147

xi



xii



List of Tables

1.1 Commercially established FT synthesis plants Guettel et al. [2008] . . 8

1.2 BTL plant installations . . . . . . . . . . . . . . . . . . . . . . . . . 9

1.3 Summarizing FT mechanism . . . . . . . . . . . . . . . . . . . . . 13

1.4 Chain growth probability factor (α) for commercially operating

FT plants . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 16

1.5 Comparison of cobalt and iron FT catalysts . . . . . . . . . . . . 23

2.1 Measured quantities and corresponding equipments . . . . . . . . 37

3.1 Thermodynamic data for evaluating adiabatic flame temperature . 57

3.2 Surface area of the synthesized catalysts . . . . . . . . . . . . . . 60

3.3 TPR-TPD summary . . . . . . . . . . . . . . . . . . . . . . . . . 65

3.4 Crystallite sizes of the calcined Al2O3 supported catalysts . . . . . 67

3.5 XPS summary . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 71

4.1 TPR-TPD summary of SDA supported cobalt catalysts and com-

pared to Al2O3 supported cobalt catalysts . . . . . . . . . . . . . 90

4.2 Surface acidity measured by NH3-TPD . . . . . . . . . . . . . . . 90

4.3 Crystallite sizes of the SDA and Al2O3 supported catalysts . . . . 93

4.4 XPS comparison for SDA and Al2O3 supported cobalt catalysts . 95

5.1 Designation used for the synthesized catalysts . . . . . . . . . . . 106

6.1 Proximate and ultimate analysis of casurina wood chips . . . . . . . . 114

xiii



6.2 Biomass gasification - mass & energy parameter . . . . . . . . . . . 116

6.3 FT reaction - mass & energy variables; T = 503 K, P = 3 MPa . . . . 118

6.4 Assumptions for economic analysis . . . . . . . . . . . . . . . . . . . 121

6.5 Estimated installed capital, operation and maintenance cost . . . . . . 122

B.1 GC - TCD - FID parameters . . . . . . . . . . . . . . . . . . . . . . 135

B.2 Calibration factors for the gas phase hydrocarbon standards (C1

- C5) . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 136

B.3 Calibration factor for liquid hydrocarbon standards (C10 - C24) . . 137

C.1 FT product gas composition and flow rate for Al2O3 - IWI catalysts . 139

C.2 FT product gas composition and flow rate for Al2O3 - CS catalysts . . 140

C.3 FT product gas composition and flow rate for Al2O3 - φ=1.2 catalysts 141

C.4 FT product gas composition and flow rate for Al2O3 - φ=1.5 catalysts 142

C.5 FT product gas composition and flow rate for SDA-IWI catalysts . . . 143

C.6 FT product gas composition and flow rate for SDA-CS catalysts . . . 144

xiv



Abstract

This thesis is concerned with studies on the conversion of syngas to liquid

hydrocarbons with the Fischer Tropsch (FT) reaction. A major part of the ef-

fort is aimed at synthesising the catalyst and use of it in a specifically designed

high pressure-high temperature reactor to produce liquid hydrocarbons with FT

synthesis. This study was motivated by two important considerations: (a) The

predominant need to produce biomass derived liquid fuels such as gasoline and

diesel. (b) Identify the key catalyst properties that influence the hydrocarbon

yield and accordingly synthesize catalysts that compare with the commercially

available catalysts or with the catalysts from vast literature sources. The specific

areas of this research are: (i) Produce active, efficient catalysts from basic mate-

rials and characterise them for Fischer-Tropsch process, (ii) Build a reactor for

operations at suitable pressure and temperatures and test the conversion process

that involves various catalysts depending on the process used for producing them

with the principal control parameter being the residence time and (iii) Exam-

ine the economics of building such systems at smaller throughputs of particular

reference to India.

Cobalt catalysts supported on alumina and silica-doped alumina (SDA) were

synthesized by incipient wetness impregnation (IWI) method and combustion

synthesis (CS) method. The CS catalysts have been developed and used for

several industrial reactions, especially environmental catalysts. However, its use

for FT reaction has been limited to a few laboratory scale studies. The major

drawback for CS process is the large heat release and temperature rise rates,

resulting in the evolution of combustion products with uncontrolled explosion,

eventually powdering the catalysts and in most cases resulting in the loss of

active components. Such vigorous behaviour of CS reaction is distinctly evident

for metal loading above 5%. The use of these powdered catalysts in a fixed bed

reactor demands either re-pelletizing or re-moulding which is considered very

disadvantageous. The CS catalysts used in this thesis have been deposited over

support spheres with a metal loading of 20% and without affecting the integrity

of the support structure. During the course of this study, the functionality of IWI

catalysts were compared to that of CS catalysts and also the effect of supports

on FT reaction were investigated.
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The Al2O3 supported (1 mm diameter spheres, BET surface area = 158

m2/g, pore volume = 0.45 ml/g) cobalt catalysts were synthesized using the CS

and IWI method. CS catalysts were synthesized using hexamethylenetetramine

(HMT) as the fuel. The synthesized catalysts resulted in an average cobalt oxide

crystallite size of 7 - 10 nm and metal dispersion ranging from 11 - 13.5%. The

X-ray photoelectron spectroscopy and the H2 chemisorption analysis of the syn-

thesized catalysts showed that the CS catalysts display reduced metal support

interaction in comparison to the IWI catalysts. Strikingly, the Al2O3 supported

CS catalysts reduced at temperatures that are 350 K higher than reduction

temperatures of IWI catalysts, a feature not explicit in literature. The high re-

duction temperatures were associated to the reduction of surface Co2+ ions in

the Co2+ - Al3+ spinel structure.

A further effort was made to synthesize cobalt catalysts directly in a single

step without the need for further reduction by employing fuel rich conditions

(equivalence ratio (φ) of 1.2 and 1.5). It was observed that, even under the fuel

rich conditions, the redox mixture interacts with the atmospheric oxygen, yield-

ing Co3O4. These catalysts (CS-φ = 1.2, and CS-φ = 1.5) were characterised

by higher degree of reduction (DOR = 75% and 77% respectively) and higher

dispersion (D=12.8% and 13.2% respectively) compared to the CS catalysts syn-

thesized with unity equivalence ratio (DOR = 69% and D = 11%).

The Al2O3 supported CS catalysts resulted in an increased FT activity, as

the CO conversion increased from 32% for IWI catalysts to 41% for CS catalysts.

Similarly, enhanced CO conversion rates were observed for CS catalysts synthe-

sized with φ=1.2 and 1.5, with a highest CO conversion of 61% for CS (φ = 1.2).

Strikingly, the FT product spectrum reported a maximum weight fraction of wax

hydrocarbons (C24+), allowing for higher degree of surface polymerization for CS

catalysts. The formation of waxes reduced with increasing equivalence ratios.

In order to further examine the support influences on catalytic activity,

cobalt was impregnated into 40 wt.% silica doped alumina supports by IWI and

CS method. Therefore, the second part of this thesis investigates the effect of

40 wt.% silica doping in alumina support on the properties of the synthesized

catalysts and thereupon the FT activity and selectivity. The effect of metal sup-

port interaction and its consequent effect on the FT activity and hydrocarbon

selectivity were investigated. A 34% increase in the degree of cobalt reduction is
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observed for SDA-CS catalysts, compared to Al2O3 -CS catalysts. In addition,

the fraction of active cobalt sites increases by a margin of 48% for SDA-CS cat-

alysts. A 16% increase in the CO conversion was recorded for SDA-CS catalysts

compared to Al2O3 -CS catalysts, with a 12% increase in the C5+ hydrocarbon

yield.

The results of the product spectrum of SDA supported cobalt catalysts ex-

plicit the formation of middle distillate hydrocarbons (C10-C20) as the primary

liquid hydrocarbon product, compared to waxes (C24+) for Al2O3 supported

cobalt catalysts. The difference in the product spectrum for alumina and SDA

supported catalysts was attributed to the enhanced surface acidity of the SDA

support. NH3-TPD analysis of the SDA support showed a 91% excess surface

acidity compared to the Al2O3 support. Additionally, the effect of the bed res-

idence time on the overall conversion was determined. Reducing the space ve-

locities from 2610 ml/h·gcat to 873.3 ml/h·gcat increased the hydrocarbon yield

by 86% with the product spectrum gradually shifting from waxes to the liquid

hydrocarbons.

The third part of this thesis is related to evaluating the overall energy con-

version of biomass to liquid fuel, coupled with the techno-economics of BTL

systems for an annual consumption of a nominal 10000 tonne woody biomass

system with expected liquid hydrocarbon output of 1500 tonnes, a size, if found

economical would be of great importance to the field. Detailed capital cost es-

timates for each section involved in the BTL system are set out, on the basis

of which future commercial large-scale facilities producing fuel and/or power are

evaluated. Cost analysis involving a 1000 kg/h steam-oxy biomass gasification

plant paired with FT plant has been evaluated. The gasifier considered in this

analysis is the downdraft reactor configuration, operating on oxy-steam system

at an equivalence ratio of 0.1 and a steam to biomass ratio in the range of 0.8

- 1.2 to generate syngas with H2/CO ratio of 2.1:1. The exit syngas from the

gasifier comprises 47% H2, 22% CO, 27% CO2 and 4% CH4 (by volume). For

a once-through FT reactor configuration, substantial energy exists in the gas

phase, which includes C1-C5 hydrocarbons and unconverted syngas. The anal-

ysis shows that, a market competitive liquid fuel can be produced with a CO

conversion greater than 60%, at a cost ranging from 35 to 40 Rs/litre (0.5 - 0.6

USD/litre) with electricity as a major co-product in the BTL system. The results
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emphasize that an economically affordable and environmentally favourable BTL

system can be produced even at the levels discussed here. It can only be expected

that at larger levels, the economics will be even better.
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Chapter 1

Introduction

This chapter provides an introduction to the current global energy scenario and

supports the need to produce liquid fuels from biomass, exclusively by the Fischer

Tropsch reaction. The chapter reviews the current status of biomass to liquid fuel

conversion and focuses on the technological developments in the FT process.

1.1 Background

Several nations across the globe, since past two decades, are working towards

creating technologies and devising policies to secure uninterrupted energy for

their citizens. Petroleum products derived from crude oil, even to the present

day, act as an imperative demand for the current energy and economic situation.

Globally, oil is known to provide close to 33% of the the total energy

consumption. In 2014, total oil consumption stood at 91 million barrels per

day [Sieminski, 2014]. Liquid fuels, mostly transportation fuels, account for

the largest factor in global oil consumption and the demand continues to grow

steadily. According to International Energy Outlook-2011 [Conti et al., 2011], liq-

uid fuel consumption increases at an average rate of 1% from 2008 to 2035 and is

expected to continue dominating the transportation sector, even with increasing

fuel prizes. Economically developing nations, India and China, show increasing

energy demand further increasing its grip on the tightening oil supply. The bot-

tom line being, with the ever increasing demand of the depleting resource, oil

prices will continue to be dictated by countries with the largest oil reserves, re-

gardless of their production capability. India consumes 3.7 million barrels per day

(mbpd) of oil and produces just 0.98 mbpd. For a country which imports nearly

75% of its crude oil, a need indubitably arises for the use of sustainable energy
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sources.

Apart from the economic considerations, use of alternative sources of energy

are also called for owing to the increased concentration of anthropogenic green-

house gasses. Rising concentrations of CO2 in the atmosphere cause a positive

radiation forcing resulting in high surface temperatures and rising sea levels. As

reported by Meehl et al. [2005], even if GHG emissions are immediately stabilized,

the thermal inertia gained by the climate system would still cause unrelenting

rise in sea levels for next 100 years. No doubt, essential riddance of the emissions

is instantly required for stabilizing the planet temperatures, sea level rise and

creating opportunities for a sustainable development. All possible ways to fix the

GHG emissions have to be considered to restore the climate change. Based on

the sectoral global CO2 emissions, major GHG emissions are generated by the

energy sector (electricity and heat production). A quarter fraction of the total

anthropogenic emissions are released by electricity and heat production unit,

while 14% of the direct GHG emissions are contributed by the transport sec-

tor [Pachauri et al., 2014]. Except for a few cases, all prime modes of transport

use combustion of liquid fossil fuels, and the total emissions for Indian trans-

port sector was 258.1 Tg in 2003-2004, with highest contribution from roads and

aviation transport. 18% of India’s total CO2 emissions arise from its transport

sector, while for OECD (Organisation for Economic Co-operation and Develop-

ment) nations, 30% of the overall GHG emissions are from the transport sector.

Despite rigid transport related emission norms, the GHG outpouring by itself

cannot be reduced entirely by changing to fuel efficient vehicles. The fuels itself

must be less carbon intensive - sustainable liquid fuel

Amongst the alternative energy sources, biomass plays a major role in the

energy sector. The only natural, renewable carbon resource and large fraction of

substitute for fossil fuels is biomass. A wide range of biomass based materials

have been proposed for use, which include crop residues, agro-crops and several

tree species. These products can be burnt directly for energy and can also be

processed further for conversion to liquid fuels like ethanol and diesel [Dhillon

and von Wuehlisch, 2013]. Thermal processes offer an effective means for the

conversion of the energy content of the wood and other lignocellulosic biomass.

Wood constitutes 80 percent or more of volatile matter and nearly 20% char

can be converted to gaseous fuels. Biomass to liquid (BTL) is suggested to be a
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positive route to reduce the inclination towards fossil transportation fuels and is

also a key to keep the environment clean [Hamelinck and Faaij, 2006]. For 20%

of the total liquid fuels produced from carbon neutral sources, like biomass, 15%

CO2 emissions reduction could be achieved - just by fuel replacement [Butterman

and Castaldi, 2009]. All the more, biomass is subjected to several processes for

generation of liquid fuels. These processes include, fast pyrolysis of biomass,

transesterification of vegetable oils to produce diesel fuel, production of bio-

ethanol from agricultural crops to blend with gasoline, production of bio-oil from

algae, and most recently the Fischer Tropsch process for conversion of biomass

derived syngas to higher hydrocarbons. The following paragraphs briefly describe

the above mentioned processes for biomass to liquid fuel generation (BTL), as

indicated in Fig 1.1.

Biomass
to 

liquid fuel
methods

Fast pyrolysis

Trasesterification of
 vegetable oils

Fischer-Tropsch
synthesis

Bio-oil from algae

Figure 1.1: Widely used methods of converting biomass to liquid fuels

1.1.1 Fast pyrolysis

Fast pyrolysis of biomass includes treating of biomass in the absence of O2

in the temperature ranges of 450-500 ◦C, at heating rates of 103-104 K/s with

vapour residence times of 1s [Goyal et al., 2008] [Bridgwater, 2012]. The main

constituent of this process, pyrolytic-oil, contains 75-80 wt% polar organics and

20-25 wt% H2O and has a yield of 65-70 wt% of total product output along with
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char and gas as the by-products [Bridgwater et al., 1999]. Even with high yields of

liquids, problems with the fast pyrolysis process exist in its energy efficiency and

scaling to commercial sizes [Scott et al., 1999]. One of the major disadvantages

of these pyrolytic oils include the presence of high content of O2 and H2O which

makes them low quality fuels compared to regular hydrocarbon fuels. Also, phase

separation and polymerization of these bio-oils cause great difficulty in their

storage [Brown and Holmgren, 2009]. Some of the companies involved in the

commercial production of bio-oil are Dynamotive and New Earth. Fast pyrolysis

of biomass and its consecutive upgradation to liquid transportation fuels have

several challenges which need to be addressed and only then can this technology

achieve a level of commercialization for the transportation fuel industries Wright

et al. [2010].

1.1.2 Transesterification of vegetable oils

Oil seed bearing trees are an ideal source of bio-diesel. Some of these

trees include palm oil(oil productivity = 3.7t/ha/yr), coconut(oil productivity =

2.2t/ha/yr) and jatropha(oil productivity = 3.7t/ha/yr) amongst many others

[Mukunda, 2011]. Oil obtained from these seeds are subjected to the process of

transesterification with methanol using NaOH or KOH dissolved in methanol

as catalyst, to produce methyl esters of straight chain fatty acids [Pandey and

Press, 2009] [Kim et al., 2004]. This process is fairly simple and the properties

of bio-diesel obtained are very similar to those of the conventional diesel fuel

[Schuchardt et al., 1998]. However, this process requires separation of a large

amount of waste water produced and cleaning of catalyst and products [Kim

et al., 2004]. On a larger scale, the concern always remains with the the mag-

nitude of energy input required for the production of bio-diesel from vegetable

oils. A meaningful way of justifying this issue is by evaluating the energy ratio,

defined by the ratio of the energy output of the end product to the fossil energy

required for producing this bio-diesel. For the production of bio-diesel from soy-

abean, this energy ratio is 3-3.5, and for palm oil the ratio is 9-9.5 [Mukunda,

2011] [Pradhan et al., 2009]. This means that palm oil would yield 3 times more

energy unit for every unit of fossil energy consumed as compared to soyabean. In

order to make overall economics of this process feasible, the by products - protein

and glycerine have to be efficiently recovered. Above all, the choice of feedstock
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plays a major factor in deciding the profitability of bio-diesel production [Anselm

et al., 2011].

1.1.3 Bio-oil from algae

At present a lot of research is being conducted to establish the potential

of microalgae for the production of bio-diesel. Surprisingly, oil crops like soy-

abean, jatropha and palm oil are being used extensively for the production of

bio-diesel, but the oil yield per hectare is 10 to 20 times higher for algal bio-

diesel, which is an attractive motive for several institutions and industries to

invest into the research and development for the production of bio-diesel from

microalgae. As an example, the oil palm requires 24% of US cropland for the

production of 50% of its transportation fuel, whereas equal contribution to the

transportation fuel is provided by algal biomass cultivated over just 1-3% of

its total cropland [Chisti, 2007]. Algae contain lipids and saccharides with 2%-

40% of lipids/oils by weight [Mukunda, 2011]. The oil fraction in microalgae

can be more than 80%, but weight of dry biomass and oil levels are mostly in

the range of 20 - 50%. Production of microalgae is generally more expensive

than growing oil crops [Chisti, 2007]. Microalgae are grown in open ponds or in

photo-bioreactors. Though these ponds are supplied with adequate water, nutri-

ents, CO2, and are designed for appropriate exposure to sunlight, open ponds

are prone to contamination by micro-organisms and extremely dependent on en-

vironmental variations(temperature, sunlight) [Achara et al., 2012] [Demirbas,

2011]. Photo-bioreactors provide suitable conditions for algal growth, but are

very expensive for large scale production.Some of the constraints being the pro-

vision of CO2 from fossil fuel combustion units at the algae growth sites, supply

of nitrogen and phosphorous nutrients and drying of water for the processing

of algae [Chisti, 2013]. Above all the best energy ratio for the production of

bio-diesel from algae is estimated at 1.4 [Liu et al., 2012].

Rapid growth rate, high energy content, ability to feed on high levels of CO2

from fossil fuel combustion and the capability of growing algae in low quality

water, are some of the key reasons to look towards production of bio-diesel from

microalgae, despite the several drawbacks [Achara et al., 2012].
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1.1.4 Biomass to liquid (BTL) fuel via Fischer Tropsch

The Fischer Tropsch (FT) process is used for conversion of syngas (a mix-

ture of H2 & CO) to higher hydrocarbons that primarily consist of liquid fuels

and waxes. All the large scale FT plants (liquid fuel production capacity ranging

from 10000 to 140000 bpd) are either based on CH4 reforming or coal gasification

systems. Overall schematic of the FT process is described in Fig 1.2. Biomass

gasification coupled with FT process plays an assuring and an encouraging op-

tion for the production of “green” liquid fuel. Here, biomass is gasified and the

bio-syngas generated is used for FT synthesis to produce long chain hydrocar-

bons that are converted to diesel. FT reaction is catalysed by cobalt or an iron

based catalyst utilizing a fixed, fluidized or a slurry bed reactor. The final prod-

uct, syncrude, which consists of gaseous, organic liquids, aqueous and organic

solids, is subject to an upgrading step to transform the product spectrum into

more useful products. Primary motive for the installation of FT plants was to

produce transportation fuel but, over due course of time, the FT plants have

been designed and tuned to produce more profitable chemicals [de Klerk, 2011].

The diesel fraction obtained from FT process has high cetane number, and are

generally devoid of sulfur, asphaltenes, and aromatics which are generally present

in hydrocarbon products obtained from mineral oil. The choice of catalysts, type

of FT reactors and the process conditions used have a wide impact on the nature

product spectrum. Though, at present, a lot of focus is being concentrated on

BTL via FT process, a significant effort still needs to be put towards the large

scale installation of this process.

The following section contributes crucial information from the literature

providing FT catalyst properties, process conditions, novel synthesis procedures,

FT process coupled to biomass gasification systems and the overall economic

scenario for FT based BTL systems.
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BIOMASS
GASIFICATION
(syngas generation)

SYNGAS CLEANING AND COOLING
(gas contioning)

CO + H2 seperation
(for use in FT reactor)

FISCHER TROPSCH SYNTHESISPRODUCT RECOVERY

i

ii

iii PRODUCT UPGRADING

Figure 1.2: BTL schematic

[(i) Syngas generation and purification unit; (ii) Fischer Tropsch synthesis; (iii)

Upgradation of FT crude to desired products]

1.2 Earlier literature

FT reaction, originally discovered in 1923 by Franz Fischer and Hans Trop-

sch, involved reaction of synthesis gas over cobalt catalysts resulting in the pro-

duction of higher hydrocarbons - gasoline, diesel, middle distillate and heavy

waxes. Considering occasional fluctuations in crude oil availability and its os-

cillating prices, there has always been a developmental eye for the FT process,

which has lead to several large scale industrial establishments. Table 1.1 lists the

commercially established FT plants which are functioning even to the current

day. The largest FT based plant is based in Qatar with a production capacity

of 140000 barrels per day (bpd) which uses natural gas as the feedstock. Table

1.1 evidences that all the commercial plants predominantly operate with natural

gas or coal as feedstock. Only remotely stranded natural gas can be subjected

to reforming process for the generation of syngas in the gas to liquid (GTL)

operation. If the natural gas (NG) obtained from reservoirs can be synced to

the NG distribution network, it would be environmentally irresponsible to use

this gas for GTL application, since the loss of carbon associated with conversion

of NG to another energy carrier cannot be rationalized. Similar to natural gas,

coal is converted to syngas via the gasification process. Coal based FT plants

are commercially established in South Africa, by Sasol®. Use of coal to generate

syngas for FT application can be applied to locations with abundant coal, but

lacking other fossil fuels, like India.
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Table 1.1: Commercially established FT synthesis plants Guettel et al. [2008]

Company Site Capacity Raw material Commissioning

[bpd] date

Sasol Sasolburg 2500 Coal 1955

Sasol Secunda 85000 Coal 1980

Sasol Secunda 85000 Coal 1982

MossGas Mossel Bay 30000 Natural Gas 1992

Shell Bintulu 12500 Natural Gas 1993

Sasol/Qatar Petroleum Qatar 34000 Natural gas 2006

SasolChevron Escravos 34000 Natural gas 2007

Shell Qatar 140000 Natural gas 2009

Use of biomass derived syngas for further conversion to liquid fuel is a pro-

pitious method for producing environmental friendly fuels. Biomass is the only

renewable energy source that is suitable for the sustainable production of carbon

based transportation fuel and chemicals.Though several R&D efforts remain fo-

cused on the conversion of biomass to liquid transportation fuel, no commercial

scale BTL plants exist, like those installed for CTL or GTL. Most of the doc-

umented BTL plants are either on demonstration scale or on an experimental

stage. The first ever commercial scale BTL plant was instituted by CHOREN

industries in Freiberg, German, in 1996. In 2005, its Beta plant had a fuel pro-

duction capacity of 310 barrels per day. The BTL plants which are presently

under engineering phase are mostly centred in Europe and USA, as listed in

Table 1.2.

Though there are several large scale biomass gasification systems employed

for electricity generation and thermal application, it is only recently that research

is being concentrated on converting biomass derived syngas to higher hydrocar-

bons via FT process. The following section briefs about the biomass gasification

processes involved

1.2.1 Biomass gasification

Biomass gasification is sub-stoichiometric combustion process where pyrol-

ysis, oxidation and reduction reactions predominate. Eqn.1.1, Eqn.1.2, Eqn.1.3,

Eqn.1.4, Eqn.1.5 and Eqn.1.6 describe the overall reactions which occur in a

gasifier.
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Table 1.2: BTL plant installations

Name Location Capacity Product Biomass feed

(bpd)

Green-Sky Essex, UK 1157 Jet fuel Municipal &,

Solena fuels commercial waste

Red Rock Biofuels Oregon, USA 1100 Gasoline Forest &

Velocys Diesel sawmill waste

Sierra BioFuels Nevada, USA 657 Jet fuel Municipal solid

Fulkrum Bio-energy Diesel waste

SYNDIESE Saudron, France 530 Diesel Forest &

CEA Kerosene agricultural residue

Naphtha

biomass+ heat −→ volatiles+ char (1.1)

volatiles+O2/Air −→ CO2 +H2O +Heat (1.2)

C +H2O ←→ H2 + CO; ∆H=131.4 kJ/mol (1.3)

C + CO2 ←→ 2CO; ∆H=172.6 kJ/mol (1.4)

CO +H2O ←→ CO2 +H2; ∆H=−41.2 kJ/mol (1.5)

C + 2H2 ←→ CH4; ∆H=−75 kJ/mol (1.6)

The gasification process conditions such as temperature, gasifying agent and

residence time play a crucial role in the syngas composition, overall efficiency and

the system performance. Air gasification of biomass, which uses air as a gasifying

media, is a prevalent process for syngas generation. The work related to biomass

gasification at Indian Institute of Science, Bangalore, has eventuated into an

open-top downdraft gasifier design producing gas with low tar concentrations

(<2 mg/m3) and syngas composition (vol.%) of H2 - 20±2%, CO - 20±2%, CO2

- 12±1%, CH4 - 1.5±0.5% and balance N2 [Dasappa et al., 1989]. Simultaneously,

using using steam as gasification medium, water gas reaction (see Eqn.1.3) can

be enhanced resulting in higher H2 concentration in the exit syngas. By varying

the steam to biomass ratio (SBR, ratio of H2O to biomass) and the equivalence

ratio (ER, ratio of O2/biomass), syngas with composition (vol.%): H2 - 35 to
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55%; CO - 10 to 25%; CH4 - 2 to 5% and CO2 - 25 to 35% is obtained [Sandeep

and Dasappa, 2014].

The Fischer Tropsch reactions require syngas with H2/CO ratio > 2.1.

Steam-oxy gasification of biomass generates syngas which is ideal for FT re-

actions. For lower H2/CO ratio, additional reforming reactor is required for in-

creasing the H2 content to satisfy the FT stoichiometry. Additionally, due to

large feedstock variation, significant variation in the syngas composition can

be observed, especially with respect to the nature of impurities. Hence, syngas

cleaning constitutes a major challenge for the development of BTL process. The

gas purification requirement for FT application demands, total sulphur<0.06

mol.ppm, HCN<0.01 mol.ppm, NH3<0.1 mol.ppm, total halides<0.01 mol.ppm

and alkalis<0.01 mol.ppm. Hetero-elements and some inorganic compounds

present in the biomass generated syngas affect the BTL process by poisoning

the FT catalysts and consequently affecting the overall conversion and product

selectivity. Chlorine, fluorine, and bromine containing compounds are highly wa-

ter soluble and can be eliminated in water cleaning units. Sulphur containing

compounds which easily poison the FT catalysts, can be effectively stripped,

along with CO2, using acid gas removal processes. The removal of trace con-

taminants, from the acid-gas treatment gas-stream, is achieved using processes

based on physisorption, chemisorption, or chemical reaction over solid carrier

bed [Chiche et al., 2013]. The synthesis gas also must contain very low tar and

particulate matter. The tar and particulate matter removal system of the open

top downdraft gasifier developed at Indian Institute of Science consists of cyclone

separators, specially designed scrubbers, an additional chilled scrubber and a fi-

nal fabric filter section to remove matter less than 5µ. The cleaned gas has tar

concentrations of 3 mg/Nm3, which is within acceptable limits for FT process.

Overall, the syngas purification system should effectively reduce impurities to

levels which minimize the catalyst poisoning and has no deteriorating impact on

the overall conversion and product yields.

1.2.2 Fischer-Tropsch chemistry

FT chemistry is often regarded as the vital technological input for con-

verting syngas to a range of hydrocarbons, which are further hydrocracked into

liquid transportation fuels and other chemicals. The FT reaction is catalysed
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most effectively by iron and cobalt at pressures ranging from 1 MPa to 6 MPa

and temperatures ranging from 463 K to 623 K. The formation of primary FT

products, viz., paraffins and olefins are described in Eqn.1.7 and Eqn.1.8. In

case of both the reactions, H2O is the prevailing oxygenated FT product. The

water-gas shift reaction which has been described earlier in Eqn.1.5, has a severe

effect on the FT stoichiometry, directly affecting the reaction rates. With cobalt

catalysed FT reaction, the WGS activity is negligible, and this reaction can be

considered as a non-reversible reaction resulting in the formation of minimum

concentrations of CO2. However, in case of iron catalysed FT process, the WGS

reaction approaches equilibrium at temperatures in the range of 523-573 K and,

under these conditions CO2 is treated as a reactant along with H2 and CO. Over

Fe catalysts, WGS reaction occurs synchronously with FT reaction, subsequently

making it possible to use syngas with H2/CO ratio less than 2.1. Consequently,

for cobalt catalysts, which have low WGS activity, the ratio of consumption of H2

and CO is between 2.06 and 2.16. Alcohols are also produced in small quantities

as side reactions, during the FT process (Eqn.1.9)

(2n+ 1)H2 + nCO −→ CnH2n+2 + nH2O (1.7)

2nH2 + nCO −→ CnH2n + nH2O (1.8)

2nH2 + nCO −→ CnH2n+2O + (n− 1)H2O (1.9)

FT synthesis yields a wide range of hydrocarbon products. Like conventional

crude oil, the products of FT synthesis does not refer to a single product, but a

mixture of straight chain, branched and oxygenated hydrocarbons. The product

spectrum is a direct function of the catalyst and reaction conditions. The FT

product mostly comprises of four phases - gaseous hydrocarbons, organic liquid,

aqueous liquid and organic solids. The separation and refining of this syncrude

results in the conversion of FT products into useful components. The overall

value addition to the final FT product is attained only after the refining process.

1.2.2.1 FT reaction mechanisms

The FT reaction, is a surface polymerization reaction, where the reactants, CO

and H2, adsorb and dissociate on the catalyst surface. The dissociated molecules
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alternatively combine to form a chain initiator specie, moulding the reaction to

proceed by chain propagation, chain termination and product desorption. This

type of product distribution has been explained using step-by-step addition of

CH2 monomers into the growing chain, as shown in Eqn.1.10.

2nH2 + nCO −→ −(CH2)−n +nH2O (1.10)

Three distinct reactions have been identified explaining the formation of

FT products from the surface species, viz., chain intitation, chain propagation

and chain termination. Chain here refers to the length of the higher hydrocar-

bon FT products. The formation of chain starter monomer unit corresponds to

the initiation reaction, while propagation refers to the insertion of the monomer

units to the growing chain. Termination reaction is the desorption of growing

chains from the catalyst surface [Steynberg and Dry, 2004]. Based on the ini-

tiation, propagation and termination steps, FT reaction mechanisms have been

proposed which broadly explain the nature of the hydrocarbon product spec-

trum. Four mechanisms have been developed to capably anticipate the product

distribution - alkyl, alkenyl, enol and CO-insertion mechanism. Each of these

reaction mechanism vary from the other with respect to the monomer specie

formed and the chain initiator molecule.

In the alkyl mechanism, which is the most widely accepted mechanism, CH2

is the building block and CH3 specie is the chain initiator. The hydrocarbon chain

growth is achieved by successive addition of CH2 species to the alkyl molecule

and chain termination occurs by β-hydride elimination yielding α-olefins or by

hydrogen addition yielding n-paraffins. Similar to alkyl mechanism, the alkenyl

mechanism has CH2 as the monomer unit. However, reaction initiation occurs

by generation of surface vinyl species (-CH=CH2). The chain further develops

by incorporation of CH2 species to the vinyl species resulting in the formation of

surface allyl species (CH2-CH=CH2). Subsequent isomerization reaction results

in the formation of alkenyl species (-CH=CHCH3). Chain termination occurs by

hydrogen addition yielding α-olefins. In the enol mechanism, the chain initiator

as well as the main monomer is the =CHOH specie, formed by the hydrogenation

of chemisorbed CO. The chain growth occurs via the dual reaction comprising

condensation reaction between enol species and the dehydration reaction. This
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mechanism effectively postulates the formation of branched hydrocarbons. The

CO insertion mechanism considers chemisorbed CO as the monomer unit and the

surface methyl (-CH3) as the chain initiator. Propagation occurs by the resulting

conjugation of the CO monomer to the -CH3 specie and subsequent hydrogena-

tion and de-oxygenation step, generating alkyl species. The chain termination

step in this mechanism occurs identical to the alkyl mechanism. This mecha-

nism also estimates the formation of aldehydes and alcohols due to the presence

of oxygenated species. Table 1.3 summarizes the four Fischer-Tropsch reaction

mechanisms. Investigative study reported by Davis [2001] concluded that oxy-

genate mechanism similar to enol mechanism is ideal for iron based catalysts.

While, surface carbide mechanism is an ideal choice for cobalt based catalysts

to adequately predict the FT product distribution. Gaube and Klein [2008] ef-

fectively postulated a modified alkyl mechanism coupled with the CO insertion

mechanism to interpret the effect of cobalt and iron catalysts.

Table 1.3: Summarizing FT mechanism

Mechanism Monomer Initiatior Products Remarks

Alkyl
CH2 CH3

α-olefins, Inadequate to account

n-paraffins formation of branched

HC and oxygenates

Akenyl
CH2 CH CH2

α-olefins Only explains formation

of α-olefins as primary

products

Enol
C

H

OH
C

CH3

OH aldehydes Unable to explain

alcohols formation of n-paraffins

α-olefins

CO-insertion
CO CH3

α-olefin Primary pathway

n-paraffin for formation of

aldehyde oxygenated FT

alcohol compounds

Considering the well established fact that FT reactions yield predominantly

aliphatic hydrocarbons, the analyses of the product distribution show that the

nature of product spectrum follow the Anderson-Schulz-Flory (ASF) statistics.
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Eqn.1.11 describes the ASF equation. Here, wn is the weight fraction of the

product with carbon number n, and α is the probability of chain growth. Higher

α values indicate the formation of longer chain hydrocarbons.

log(
wn
n

) = n log(α) + log(
(1− α)2

α
) (1.11)

A plot of log(xn) against the carbon number n, is shown in Fig 1.3. De-

scriptions of these nature are called ASF plots and are used to characterize FT

product spectrum. This distribution suggests that chain propagation and termi-

nation result with probabilities which are almost independent of chain length. Fig

1.4 shows hydrocarbon selectivity as a function of the chain growth probability

factor, α. Higher alpha values indicate higher selectivity for longer chain hydro-

carbons, and chain growth probability of zero implies production of methane

with 100% selectivity - methanation. The FT reaction can only proceed when

this thermodynamically favoured methanation reaction is suppressed, eventually

leading to the formation of higher hydrocarbons. From Fig 1.4 it can be ob-

served that the maximum yield of middle-distillate (C10-C20) yield is ∼40 wt.%,

obtained at α=0.85. For, higher production of C10-C20 hydrocarbons, the FT pro-

cess must be operated with α=0.95, so that the wax can then be hydrocracked

to middle-distillate hydrocarbons.

The chain growth probability factor, α, is directly dependent on the choice of

catalysts and the FT operating conditions (temperature, pressure, bed residence

time, superficial velocity, H2/CO ratio). Within a certain limits, α can be tuned

by adjusting these parameters. Low temperature (453 K - 503 K) results in high

α value ranging from 0.92 to 0.95, whereas at high operating temperature (573

K - 623 K), α ranges from 0.7 - 0.8. The syngas feed ratio (H2/CO) has a drastic

effect on α. Higher H2 partial pressure, increases the rate of H2 termination step

compared to the chain propagation step resulting in the formation of lower chain

hydrocarbons, indicating reduced chain growth probability. The effect of bed

residence time has a direct consequence on the rate of product re-adsorption,

affecting the extent of secondary reactions. Therefore, on increasing the space

velocity, the FT products invest reduced time on the catalyst surface resulting

in lower probability of re-adsorption and consequently reducing the degree of

secondary reactions. This results in the formation of larger concentrations of
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Figure 1.4: FT product composition as a function of α

branched hydrocarbons. Table 1.4 lists the operating alpha of commercial FT

plants. It is evident from this table that the α values are selected from one of

the two regimes: Regime-I (α = 0.7-0.8) or Regime-II (α = 0.9-0.95). The choice
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of α is exclusively dependent on the nature of product spectrum desired from

the FT plant. If gasoline and diesel (C10-C20) are the choice of product spectrum

desired, the catalyst and the process conditions must be optimized to yield α

in the range of 0.8-0.85. However, for higher wax production, the α must range

from 0.9-0.95.

Table 1.4: Chain growth probability factor (α) for commercially operating FT plants

Plant Reactor Catalyst α

Sasol 1 - Kellogg Circulating fluidized bed (CFB) Fused Fe < 0.7

Synthol process T = 563-613 K; P = 2.2 MPa

Arge LTFT Multi-tubular fixed bed Precipitated Fe 0.90

synthesis T = 473-523 K; P = 2.5-2.7 MPa

Sasol slurry bed Catalyst suspended in liquid wax Precipitated Fe 0.95

process (SSBP) T = 518 K; P = 2.1 MPa

Sasol Advanced Fixed fluidized bed Fused Fe 0.7-0.8

Synthol (SAS) T = 583-623 K; P = 2.5 MPa

Mossgass Circulating fluidized bed (CFB) Fused Fe 0.7-0.8

facility T = 603-633 K; P = 2.5 MPa

Shell middle distillate Multi-tubular fixed bed Co based 0.90-0.92

synthesis (SMDS) T = 493 K; P = 2.5 MPa

Oryx-GTL Sasol slurry phase distillate Co/Pt/Al2O3 0.90-0.92

facility T = 503 K; P = 2.0-2.5 MPa

1.2.2.2 FT reactors

Primary aim of any FT reactor is to remove the large heat of reaction resulting

from the FT reaction and maintain isothermal conditions across the catalyst bed.

Modern FT reactors are broadly categorized on the basis of their two operating

temperatures, viz., low temperature Fischer Tropsch reactor (LTFT; operating

temperature in the range of 473 - 503 K), and high temperature Fischer Trop-

sch reactor (HTFT; operating temperature in the range of 573 - 623 K). HTFT

reactors utilize iron catalysts with product spectrum largely comprising of mid-

dle distillates and gasoline fractions, while LTFT reactors utilize mostly cobalt

catalysts, yielding longer chain hydrocarbons and waxes.

The most common type of LTFT reactor is the multi-tubular fixed bed

reactor with catalysts placed in the tubes and cooling medium in the shell side.
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Short span between the catalyst particles and the tube walls and high gas linear

velocities, significantly intensifies the heat transfer from the catalyst particles to

the cooling medium, maintaining steady FT temperature range. Syngas recycling

aids in improved heat transfer and also increases the overall conversion. Similarly,

recycling of liquid hydrocarbon products also enhances the temperature profile in

the fixed bed reactors [Steynberg et al., 2004]. The advantages of a multi tubular

fixed bed reactors include easy handling and maintenance and, easy product

separation, since the heavy wax products trickle down the bed and are collected

in the receiver pot. Most importantly, the performance and the behaviour of

large scale plants can be predicted accurately based on the performance of pilot

scale plants. The major disadvantage of using fixed bed reactors arises from

the constraints related to catalyst particle size. To overcome the pressure drop

resistance in a fixed bed reactor, larger catalyst particles need to be employed.

However, intra-particle diffusion plays a limiting factor for the overall reaction

rates with particle sizes greater than 1 mm. Catalyst particle size and reactor

diameter tend to be crucial parameters for a fixed bed FT process.

A detailed simulation work reported by Jess and Kern [2012] demonstrated

the influence of catalyst particle size on the pressure drop across the catalyst

bed and the overall heat transfer coefficient from the catalyst bed to the reactor

wall for varying reactor diameter. Fig 1.5 shows the variation in the pressure

drop for a 40 mm diameter and 12 m long fixed bed FT reactor. For a particle

size below 1 mm diameter, the reactor operations suffer from huge pressure drop

that would consequentially lead to varying reaction rates across the reactor length

resulting in decreased overall conversion and the product spectrum to shift to

lower hydrocarbon range. Moreover, the total energy to compress syngas for

FT reaction increases proportionally. Furthermore, the catalyst particle size also

influences the overall thermal transmittance (Uoverall) of a wall cooled tubular

reactor, as shown in Fig 1.6. For a 20 mm diameter reactor tube, the Uoverall

increases from 375 W/(m2K) to 425 W/(m2K) as the particle size increases from

1 mm to 6 mm. Industrially, the wall cooled multi-tubular fixed bed FT reactors

utilize catalyst particles with sizes ∼ 2 mm in a 50 mm diameter reactor to limit

the pressure drop constraints and maximize the overall heat transfer coefficients.

Another type of LTFT reactor is the slurry phase bubble column reactors.

Catalyst particles of sizes 10 to 200 µm are suspended in a hydrocarbon solvent.
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[Data extracted from Jess and Kern [2012]]

As a result of small catalyst particle sizes, the effect of internal mass transfer

resistances are negligible resulting in optimal activity and selectivity. Above all,
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the efficient heat removal system enables maintaining isothermal catalyst bed

operations. Due to improved syngas utilization by the catalyst particles, the

productivity in a slurry bubble column reactor is higher than in a fixed bed

reactor. However, the impediment to separation of catalyst particles from the

FT products results in considerable catalyst losses and has restricted wide use

in commercial FT processes [Krishna and Sie, 2000].

The high temperature FT processes, which operate in the range of 573 - 623

K, utilize Fe based catalysts generating mostly, gasoline or linear olefins. The high

temperatures cause all the FT products within the reactor to be in gaseous phase.

The two types of reactors utilizing high temperature processes are fixed fluidized

bed (FFB) and, circulating fluidized bed (CFB) reactors. The Sasol Advanced

Synthol (SAS) reactor commissioned at Secunda, South Africa, employs the fixed

fluidized bed technology. The syngas is introduced from the bottom and the

flow rate controlled to create a fluidized bed. The catalyst particles which are

carried over by the exit product gases are separated in cyclone separators and re-

circulated back to the fluidized bed. Though high syngas utilization are effectively

achieved, the product separation from the catalyst traces is a major challenge,

resulting in considerable catalyst losses during the operational period. Fig 1.7

shows three types of commonly employed commercial FT reactors
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Figure 1.7: a.Multi-tubular fixed bed reactor; b.Slurry phase reactor; c.Fixed fluidized
bed reactor
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1.2.3 FT catalysts

FT catalysts must possess efficient activity, selectivity, stability and regen-

eration properties. For these reasons, iron and cobalt are the most widely used

Fischer Tropsch catalysts, particularly for its high CO hydrogenation activity

and high selectivity to higher hydrocarbons. Both Fe and Co catalysts are used

in their metallic form, rather than their native oxide states. Therefore the metal

oxide catalysts are subjected to a reduction process for use in FT reaction. Cat-

alysts are dispersed on high surface area catalyst carriers or supports to increase

the overall metal surface area available for reactants. Several supports like SiO2,

Al2O3, TiO2, aluminosilicate and carbon nanotubes have been used as active

support materials in FT processes.

1.2.3.1 Iron based FT catalysts

Iron catalysts have been the most common FT catalysts, owing to its low relative

costs and wide availability. Iron oxide crystallites with sizes in the range of 10

nm to 50 nm, present in the from of haematite or magnetite, comprise the FT

synthesis catalyst precursor. Iron oxide in the form of Fe3O4 catalyses the water-

gas-shift reaction and is considered to be the primary phase accountable for

elevated water gas shift activity of the iron based catalyst. The WGS and FT

reaction are known to occur on different active sites of the iron based FT catalyst.

During the prevailing reaction conditions, Fe catalyst can exist in the form of

magnetite, α-Fe, or in the form of Fe-carbide. Existence of these phases during

the FT reaction, have a direct consequence on the FT product distribution. The

active phase of iron catalyst for the Fischer Tropsch reaction has been a subject

of discussion for some time with reports detailing either iron carbide or zero-

valent iron or even Fe3O4 to be the active FT phase [Bukur et al., 1995] [Davis,

2003]. Schulz et al. [2005] claimed that the active Fe catalyst for FT synthesis is

“constructed” in several stages of “self-organization”, during which conversion,

selectivity, catalyst composition and structure change, concluding that Fe in its

zero valent state is not the active phase. FT activity develops when iron carbide

are formed. Essentially, it is necessary to reduce the Fe catalyst prior to use in

the FT reactor. The need to reduce the catalyst is to develop catalysts with

high active surface areas. Extent of reduction and method of reduction intensely
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influences the FT selectivity. Reduction with H2 at 573 K produces more active

catalysts than reduction with syngas at the same temperature. However, the

catalyst reduced with H2 has a lower wax selectivity. Fe catalyst can be activated

by reducing in an environment containing CO, syngas or H2. Reduced activity

is observed for catalysts pre-treated in syngas as compared to the catalysts that

are pre-treated in CO.

Use of Fe catalysts produce broad range of hydrocarbon products including

paraffins and olefins. The products vary from fractions of methane to high molec-

ular weight waxes. Fe catalysts show varying WGS activities, and in some cases

leading to rejection of 30% to 50% carbon feed as CO2. α-olefins are the primary

products formed over iron catalysts. However, olefins can undergo secondary re-

actions resulting in isomerization or hydrogenation. In the work reported by Soled

et al. [1990], the hydrocarbon selectivity over Fe2O3 catalysts showed secondary

product formation. It was reported that the Fe2O3 catalysts inhibited the chain

growth probability and reduced the C5+ selectivity. Contrary to Fe2O3 catalysts,

the Fe5C2 catalysts produced more olefinic products and higher concentrations

of heavier hydrocarbons.

1.2.3.2 Cobalt based FT catalysts

Cobalt catalysts, though expensive compared to iron catalysts, are more resis-

tant to deactivation by sintering and oxidation. At low CO conversions (χCO=30

- 40%), the activity of both the metals are comparable. However, at high CO

conversions (χCO=60 - 70%), the productivity of higher hydrocarbons is more

significant in cobalt catalysts. This is attributed to reduced reaction rates of

Fe catalysts, due to high water concentrations. The water gas shift reaction

(Eqn.1.5) is more significant on Fe catalysts than on Co catalysts. The hydro-

carbon yield with Fe catalysts primarily include branched compounds (α-olefins)

and oxygenates, while Co catalysts chiefly yield n-paraffins. A striking feature of

Fe catalysts, is its use under wide range of process conditions. Fe catalysts yield

FT products under varying pressure ranges (1.0 - 6.0 MPa), LTFT and HTFT

reactors, and varying H2/CO ratios (0.5 - 2.5). Contrastingly, Co catalysts can be

used only under narrow operating ranges - H2/CO feed ratio in the range of 2.0

to 2.2 and low operating temperature (453 - 503 K), since high temperature leads
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to drastic increase in the CH4 concentrations and also causes fouling of catalysts

by carbide formation. Unlike iron carbide in iron based catalysts, the metallic

form of cobalt are desirable for FT reaction. The supported Co3O4 precursors

are reduced to Co0 by reduction in flowing H2, at elevated temperatures (773

K - 873 K). The reducibility of cobalt catalysts is dependent on several factors

such as the Co3O4 crystallite size, temperature of reduction and the extent of

metal support interaction. It is observed that for large cobalt metal particles the

rate of FT reaction is directly proportional to the fraction of active cobalt metal

sites present on the catalyst surface. Fig 1.8 shows linear variation in the rate of

conversion per unit time with increasing fraction of active metal sites. However,

in case of smaller cobalt crystallite sizes (< 7 nm), it has been observed that

this relation is not valid since smaller crystallite sizes form different cobalt metal

phases, which are not active for FT reaction [Khodakov et al., 2007].

Figure 1.8: Site-time yield for cobalt catalysts supported on SiO2 , Al2O3 and TiO2 as
a function of fractional metal dispersion. FT conditions : P = 2 MPa; T =
473 K

[Image extracted from Soled et al. [2003]]

The primary products from FT synthesis include n-paraffins with higher

concentrations of heavier waxes. Since cobalt catalysts are used only at temper-

atures in the range of 453 - 503 K, the ASF distribution dictates the product

spectrum with α in the range of 0.85 to 0.95. Despite the narrow operating ranges,

supported cobalt metal are active choice of catalysts for FT reactions due to high

catalyst stability, high single pass conversion and superior hydrocarbon produc-
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Table 1.5: Comparison of cobalt and iron FT catalysts

Parameter Co Catalyst Fe catalyst

Operating Temperature 453 - 503 K. 473 - 623 K.

Used only in LTFT reactors. Operates both in HTFT

Elevated temperatures result and LTFT reactors

in excessive CH4 formation &

also results in catalyst coking.

Feed gas Syngas with H2:CO ratio Flexible H2:CO ratio

in the range of 2.0-2.3, in the range 0.5-2.5,

due to low WGS activity due to high WGS activity

Activity More active at Lower activity compared

higher CO conversions to cobalt catalysts

i.e., lower space velocities

Product spectrum Primary products are Primary products are

n-paraffins with marginal n-paraffins with considerable

production of α-olefins. production of α-olefins.

Higher paraffin/olefin ratio. Lower paraffin/olefin ratio.

α=0.85-0.92 α=0.65-0.92

Promoters Noble metals (Ru, Rh, Pt, Pd); Alkali metals (Li, Na, K,

Oxide promoters (ZrO2, Rb, Ca)

La2O3, CeO2)

Life & cost Longer life time, Lower life time,

more expensive less expensive

tivity compared to Fe catalysts. Table 1.5 summarizes the comparison of iron

and cobalt based catalysts.

1.2.4 Catalyst parameters

The structural properties of the synthesized catalysts have a direct impact

on the FT activity and hydrocarbon selectivity. The literature indicates several

investigations on the effect of metal crystallite size, reduction degree and metal

dispersion on the overall FT activity. Overall, the synthesized cobalt catalysts

should possess high surface area, high degree of metal reduction, high cobalt

site density (>10 wt.%) and metal dispersion in the range of 15% - 20%. Con-

sequently, the catalysts are dispersed over catalyst carriers like Al2O3, SiO2 and

TiO2 to increase the metal surface area and also to enhance the mechanical in-

tegrity of the synthesized catalysts. Eventually, the catalysts must contribute

towards high C5+ selectivity, low CH4 selectivity and high hydrocarbon yield per
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unit mass of syngas.

The following sections discuss the impact of critical physical properties of

cobalt catalysts on the Fischer Tropsch activity. A detailed and methodical un-

derstanding of these parameters aid in designing highly active cobalt catalysts

which would eventually result in outstanding syngas to liquid fuel conversion

efficiencies.

1.2.4.1 Metal loading

Several researchers have investigated the impact of metal loading on the FT

activity. Wang and Chen [1991] demonstrated over Co/γ-Al2O3 catalysts that,

with increasing metal loading, the extent of metal reduction increased. An in-

crease in the extent of reduction was primarily attributed to variation in the

nature of cobalt species formed on the support surface. For high metal loading

catalysts, considerable fraction of cobalt oxide are present as Co3O4 , which are

easily reducible to metallic cobalt. Lower metal loadings result in the genera-

tion of amorphous surface cobalt aluminates, formed by the diffusion of cobalt

ions into the first few outer layers of the aluminate lattice sites. Under con-

ventional reduction temperature ranges (673 K - 973 K), cobalt aluminates are

irreducible and contribute towards the formation of inactive FT catalysts. Fig

1.9 shows the effect of cobalt loading on the degree of reduction and rate of CO

consumption. The trend shows an increase in reduction degree and a resultant

increase in the FT activity, with increasing cobalt loading. Jacobs et al. [2002],

similarly reported a reduction in the metal support interaction by increasing the

cobalt loading from 15% to 33%. Here, the authors attributed the reduction in

metal support interaction to the increased Co crystallite size which facilitated

the reduction of Co3O4 to Co0.

The metal catalysts being fairly expensive, their maximum utilization has to

be ensured. In case of the FT reaction, a lower metal loading (< 10 wt.%) results

in the fraction of deposited caobalt oxides to be in the form of stable, irreducible

cobalt-support oxide compounds, which are inactive towards FT reaction. For

loading above 25 - 30 wt.% no additional increase in the FT activity is observed.

An ideal catalyst for FT reaction must have cobalt loading in the range of 20-25

wt.%, enabling maximum utilization and effective overall syngas conversion.
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Figure 1.9: Variation in cobalt reduction temperature and the FT activity with varying
metal loading

[Data extracted from Wang and Chen [1991]]

1.2.4.2 Impact of cobalt crystallite size

The influence of cobalt particle size on the FT activity was demonstrated by

Bezemer et al. [2006] for carbon nanofiber supported cobalt catalysts with varying

cobalt particle sizes in the range of 16 nm - 2.6 nm. The experiments showed that

the turnover frequency (TOF) for CO hydrogenation was independent for cobalt

catalysts having particle sizes larger than 8 nm. Above all, the C5+ selectivity

decreased from 85 wt.% to 5 wt.% when the cobalt particle size reduced from

16 nm to 2.6 nm. The experiments clearly demonstrated that the minimum

cobalt particle size for FT reaction is greater than 8nm. The TOF stabilized at

a constant value above 6 nm while the maximum C5+ selectivity was observed

for Co catalysts with particle size above 12 nm. The authors here suggest that

the primary reason for reduced activity of catalysts with smaller particle size

is attributed to larger rates of deactivation by oxidation and carbide formation,

under the prevailing FT conditions. However, this reasoning is rather inadequate,

since the smaller size cobalt particles also tend to form cobalt aluminates which

have absolutely no activity for FT reactions. Conclusively, larger size particles

(>8 nm) are adequate enough to create optimal FT active sites. Jacobs et al.

[2002] in their work reported a sharp decrease in the extent of metal reduction
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below 10 nm cobalt crystallite size. Fig 1.10 shows the effect of Co particle size

on the reduction degree, TOF and C5+ selectivity. This clearly indicates the FT

ineffectiveness of the smaller crystallite sized cobalt catalysts.
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Figure 1.10: Effect of varying cobalt particle size on the reduction degree, TOF and
C5+ selectivity

[Data extracted from Bezemer et al. [2006] and Jacobs et al. [2002]]

The calcination temperature has a direct impact on the cobalt crystallite

size. Kababji et al. [2009] reported sintering and agglomeration of the cobalt

crystallites at higher calcination temperatures, gradually decreasing the cobalt

active surface area and resulting in lower FT activity. Fig 1.11 shows the effect

of calcination temperature on the FT activity and selectivity. Similarly, Borg

et al. [2007] reported an increasing Co crystallite size with increasing calcination

temperature. The cobalt crystallite size increased from 10 nm to 11.5 nm, with

an increase in the calcination temperature from 523 K to 573 K. The cobalt

dispersion, at the same time, decreased from 8.2% to 7.5% clearly indicating

a reduced FT activity. Higher calcination temperature is required for complete

decomposition of the cobalt precursor (eg. cobalt nitrate hexahydrate) in the cat-

alyst synthesis step, but it is crucial to maintain lower calcination temperature

for higher metal dispersion, by reducing the amount of sintering. A compro-

mise between the two is necessary for synthesizing an active high dispersion FT

catalyst.
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Figure 1.11: Effect of calcination temperature on the overall FT activity

[Data extracted from Kababji et al. [2009]]

1.2.4.3 Influence of support on FT activity

The choice of FT supports have a broad impact on the FT activity and selectiv-

ity. Though the central function of catalyst support is simply of physical nature,

i.e., to increase the amount of metal surface area available for the reactants,

very often the dispersed metals show a strong affinity for the support, which

influences the FT performance. In most cases, the support and the deposited

metal show specific interaction which affect the extent of reduction, metal dis-

persion and, therefore, the overall FT activity. The strength of metal support

interaction has a direct influence on the degree of cobalt reduction. The most

commonly used supports for FT reaction are Al2O3, SiO2 and TiO2. Based on

the metal support interaction, the degree of reduction increases in the follow-

ing order : Al2O3 < SiO2 < TiO2. A strong interaction between the support

and cobalt nano-particles exist on γ-Al2O3 supports, resulting in lower degree of

Co3O4 reduction. For cobalt-alumina system, the formation of cobalt aluminate

species over Al2O3 supports reduce the available active sites for FT synthesis.

Apart from the formation of bulk aluminates over Al2O3 supports, the degree
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of reduction, and hence the metal dispersion, reduces due to the formation of

Co2+Co3+
2−xAlxO4 mixed spinels, additionally reducing the FT activity. Fig 1.12

shows the effect of support on the degree of reduction and the overall FT activ-

ity. Compared to Al2O3, the SiO2 supported cobalt catalyst show higher activity,

which is attributed to higher degree of metal reduction resulting from the lower

metal-support activity. The temperature programmed reduction investigation of

Al2O3 supported cobalt oxide by Arnoldy and Moulijn [1985] presents detailed

insight into the various oxidation states of cobalt, which arise during the reduc-

tion process. According to Arnoldy and Moulijn [1985], four stages of alumina

supported cobalt oxide reduction are observed, assigned to the four cobalt phases

that reduce at different temperatures. Ideally, lower reduction temperatures (750

- 900 K) are preferred to prevent sintering and agglomeration of the cobalt crys-

tals. However despite this drawback, alumina supported catalysts have been used

widely to produce longer chain unbranched hydrocarbons primarily due to its low

surface acidity and also owing to its higher site time yield.
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Figure 1.12: Effect of support on the extent of cobalt reduction and the FT activity

[Data extracted from Storsæter et al. [2005]. FT conditions: P = 2 MPa; T = 483 K ]

Jean-Marie et al. [2009] synthesized cobalt catalysts supported on silica-

doped-alumina (SDA). The effectiveness of the silica doping into the Al2O3 sup-
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ports were tested by comparing the extent of metal reduction and the FT activity

with Al2O3 supported cobalt catalysts. Remarkably, the cobalt oxides reduced

to metallic cobalt at 973 K for SDA supported catalysts compared to a reduc-

tion temperature of 1200 K for alumina supported catalysts. The authors in this

work reported that the SiO2 doping of Al2O3 support reduced the basicity of the

synthesized catalysts, which hindered the formation of hardly reducible cobalt

aluminates, thereby increasing the degree of reduction. A detailed study on the

impact of SiO2 doping of Al2O3 was conducted by Daniell et al. [2000]. In this

work a series of SDA supports were synthesized by varying the SiO2 doping from

1.6 wt.% to 90 wt.%. The doping resulted in the formation of highly acidic Lewis

and Brösted acid sites. The strength and the magnitude of these sites reached a

maximum for 40% SiO2 doping, above which the sample resembled pure SiO2.

Besides degree of metal reduction, the constitution of FT product spectrum

is direct impacted by the choice of support, essentially due to the acidic nature of

the support. Compared to SiO2 supports, Al2O3 supports are less acidic. Al2O3

consists of both weak Brönsted and Lewis acidity. Brönsted acidity is due to the

isolated surface hydroxyl group and, Lewis acidity is generated by the removal of

Al-OH groups (partial dehydroxylation). According to the work done by Bessell

[1993], low acidity supported catalysts yield FT products comprising straight

chained alkanes and alkenes whereas, the cobalt catalysts deposited on the more

acidic supports, produced hydrocarbons consisting mostly branched hydrocar-

bons and even fractions of aromatics. If gasoline products are desired from the

FT reaction, acidic supports are preferred. However, for the production of longer

chain paraffins, more basic supports are the ideal choice.

1.2.4.4 Impact of the catalyst synthesis procedure

The method of catalyst synthesis has a profound effect on the properties of the

developed catalysts. As seen in the previous sections, any modification to the

structural property of the catalyst would plainly affect the reaction rates and

directly perturb the FT activity and the hydrocarbon selectivity. The catalyst

synthesis procedure fundamentally involves two stages. The first step includes

the incorporation of metal salt component into a high surface area support. This

is achieved by well defined mechanisms, such as, incipient wetness impregnation,
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adsorption from solution, co-precipitation or deposition. The second step includes

the conversion of the incorporated metal salt into its corresponding oxide state or

to its reduced state. This is obtained by calcining the impregnated metal salts at

temperatures which leads to the metal precursor dissociation reaction resulting

in the formation of metal oxides. The oxide catalysts are further reduced to

its corresponding zero valent metal state in a reducing environment, producing

active Fischer Tropsch catalysts.

The choice of cobalt precursors for the catalyst synthesis has shown to im-

pact the catalyst properties, affecting the FT activity. Sun et al. [2000] synthe-

sized silica supported cobalt catalysts using cobalt acetate and cobalt nitrate and

cobalt acetate as the catalyst precursors. Highest activity was reported for the

catalyst synthesized from cobalt nitrate-cobalt acetate derived metallic sites. A

highest CO convesion of 42.5% was observed for nitrate-acetate derived cobalt

catalyst while least CO conversion of 6.2% was derived for cobalt acetate derived

metallic sites. The primary reason was ascribed to strong metal support inter-

action with cobalt acetate precursors, thereby reducing the reduction degree.

Above all the reduction of acetate species was observed to be promoted by H2

spillover achieved on cobalt metal from cobalt nitrate. In general, the most com-

mon and widely used metal precursor is cobalt nitrate and, the other researched

cobalt precursors include cobalt carbonyl, cobalt acetate and cobalt carbonate

[Khodakov et al., 2007].

As far as the method of synthesis of cobalt catalysts is concerned, incipient

wetness impregnation (IWI) is the most simplest and commonly used technique

for depositing cobalt metal or metal oxides on the high surface area supports.

Incipient wetness occurs when the support pores are saturated with the aqueous

solution containing metal precursors, and no moisture exists over and above the

liquid for filling the support pores. The impregnated mixture is then dried and

calcined at 623 K to decompose the metal nitrate resulting in the formation of

residual cobalt oxides. In general, the time required for calcining of IWI catalysts

results in the agglomeration of cobalt particles and reduced metal dispersion.

This can be overcome, only to a certain limit, by impregnating the metal pre-

cursor in a rotating vessel, maintained under vacuum. Khobragade et al. [2012]

synthesized Co/SiO2 catalysts using the sol-gel method. The method included

drop-wise addition of cobalt nitrate solution to a mixture of C2H5OH, tetra
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ethyl orthosilicate and water (mixed with mass ratio of 5:1:10, respectively).

The solution was stirred and heated to 323 K, resulting in the formation of a

gel that was further calcined at 823 K for 3 hours to yield approximately 10

wt.% Co/SiO2. The method propitiously enhances the molecular mixing of the

active components and consequently improves the cobalt dispersion. The average

cobalt crystallite size ranged from 16.4 to 18.6 nm with the metal dispersion of

0.1% and a CO conversion of 67.5%, yielding primarily paraffins (67.3%) and

considerable fractions of oxygenated hydrocarbons (11.5%).

More recently, the combustion synthesis (CS) method of metal oxides

have been utilized for synthesizing cobalt oxides for Fischer Tropsch synthe-

sis. The combustion synthesis technique, also known as self-propagating high-

temperature synthesis (SHS) is an efficient energy compensating method for de-

veloping nano-materials, mostly metal-oxides. In the CS method, once the initial

exothermic mixture comprising of a fuel and an oxidizer is ignited by an external

thermal source, a swift (1 - 100 mm/s) high temperature reaction wave (1000

K - 3000 K) travels across the reaction mixture in a self-sustained fashion. The

inherent heat generated can be favourable utilized to generate cobalt oxides over

the support surface. The redox reaction between the fuel (urea, glycine, hex-

amethylenetetramine) and the oxidizing metal precursor (cobalt nitrate), after

preheating to a moderate temperature (423 K - 473 K), self-ignites the entire

volume resulting in the formation of nano sized cobalt oxides. The most striking

feature of CS includes homogeneous distribution of the metal oxide in a desired

composition, since the initial reaction media being in liquid state (aqueous solu-

tion of the redox mixture), molecular level mixing of reactants is enabled. Above

all the high reaction temperature can volatilize low boiling point impurities, en-

suring high product purity [Mukasyan et al., 2007] [Moore and Feng, 1995].

[Shi et al., 2011] synthesized cobalt catalysts by solution combustion

method. The authors employed citric acid as the fuel and cobalt nitrate hexahy-

drate as the metal precursor and the oxidizing compound. The authors in this

work have synthesized catalysts in an inert atmosphere (Ar), producing cobalt

catalysts in its reduced state (i.e., without the need for further reduction). The

resulting catalysts displayed metal dispersion of 15.2% compared to 3.1% for the

conventionally synthesized IWI catalysts. The FT activity for the combustion

synthesized catalysts showed 47.2% CO conversion and a high CH4 selectivity of
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21.2%, which is indicative of lower C5+ productivity. In particular, the details rel-

evant to the FT product distribution is lacking. Another recent work by the same

group [Phienluphon et al., 2014], synthesized ruthenium promoted cobalt cata-

lysts using the solution combustion method with citric acid and cobalt nitrate as

the redox mixture. The ruthenium promoted cobalt catalysts exhibited highest

FT activity with 60.4% CO conversion and a C5+ selectivity of 64.1%. Solution

combustion synthesized cobalt catalysts in general display excellent properties

with respect to crystallite size, degree of reduction and metal dispersion, leading

to enhanced FT activity. Since the synthesis of supported catalyst using solution

combustion method has been explored only in recent times, its application for

Fischer Tropsch reaction has been limited only to a few research groups.

The operation of FT plant is dependent on the efficient utilization of syn-

gas and above all, its conversion to desired hydrocarbon product. Catalysts play

a crucial role in determining the overall performance of the FT reaction. Syn-

thesis of highly active and stable FT catalysts is necessary for generation of long

chain hydrocarbons with high yields. The use of an effective catalyst is central for

economic sustainability and profitable return of the FT plant. For this reason,

it is vital to understand the underlying catalytic parameters, as discussed above,

and synthesize an active and practical catalyst that can produce desired range of

higher hydrocarbons with high productivity.

1.2.5 Realizing the BTL process - the economic aspect

For any bio-fuel related technology to be established on a commercial scale,

its economic practicability must be evaluated. Most importantly, the technical

aspects of the project must be coupled to the economic evaluations providing a

detailed techno-economic analysis. The BTL fuel production economy determines

the optimum scale of the BTL plant and, since the hydrocarbon generation pro-

cess is associated with large investment costs, large scale production is essential

for achieving effective returns.

Larson et al. [2009] performed techno-economic analysis on a single pass

biomass-to-liquid fuel system via Fischer Tropsch reaction. The syngas for the

system is generated in a pressurized O2 blown fluidized bed gasification sys-

tem. Fischer-Tropsch reaction is achieved in a low temperature, slurry based FT
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reactor. The analysis assumed a biomass input (893 MWth) of and net power

generation of 228 MWe using a steam and gas turbine. The liquid hydrocarbons

were produced at a rate of 736 kl/day and the total efficiency (based on the

energy output to energy input) of the plant was evaluated to be 57.3%. The

total overnight capital cost was estimated at 541 million US$ and, based on the

annual levelized fuel production cost, the break-even FT oil production cost was

estimated at 0.48 $/l (assuming a biomass cost of $ 50.9/t). Similar work was

reported by Tock et al. [2010], who estimated the BTL efficiency of 59.8% and

a FT crude oil production cost of 0.9 e/L. The economic development of the

established plant, by improved gasification systems, gas cleaning, cooling and

purification sections and, the use of advanced high performance catalysts would

increase the economic competitiveness in the market for BTL fuels.

At present there are a few BTL plants on commercial scale. These are still

small compared to the coal or natural gas based FT plants as established by

SASOL in South Africa or by SHELL in Malaysia. A principal factor to be

considered for the establishment of large scale BTL plant is the availability of

biomass, which is a limiting factor for the scale up of biomass gasification unit.

If a choice has to be made for the construction of large scale FT plants, options

for converting agricultural residue and waste to syngas have to considered, along

with remotely obtained syngas. Resources such as municipal solid wastes (MSW),

agricultural residues and plantation residues can be converted to liquid hydrocar-

bons effectively, economically and with favourable environmental returns if wide

range of input feed and output products are handled using a beneficial technique.

Such a conversion can be achieved in a bio-refinery which can handle these wide

range of feedstocks and output products including special chemicals. Most im-

portantly, if the tail gas from FT reactor is not recycled, again, the residual gases

can be converted to electricity, which serves as a propitious co-product from the

FT reactor.

1.3 Summarizing the motivation for this work

Conversion of biomass derived syngas to liquid transportation fuel via FT

synthesis is a promising technique and attaining importance in recent years - to

meet the ever-increasing energy demands and conform to stricter environmental
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regulations. Since catalysts play a major role in dictating the overall syngas to

liquid fuel conversion efficiencies, synthesis of active catalysts and analysing the

effect of the catalyst properties on the FT reaction is crucial for development of

the process. To establish a scaled-up BTL process, fundamental understanding of

the catalyst effect, process conditions and the conversion and productivity ranges

have to be analysed at a micro-scale. Investigations related to the economic

viability of a BTL process are crucial and demand fundamental conversion factors

that can lead to a sustainable development of a BTL plant.

1.4 Thesis layout

The work involved in this thesis, includes synthesis of novel catalysts for

fixed bed Fischer Tropsch reaction. The method of catalyst synthesis developed

and employed in this work has a positive effect on the FT productivity, increas-

ing the product yield to considerably large volumes compared to conventionally

synthesized catalysts. In the process of synthesizing prolific FT catalysts, the

impact of metal support interaction was explored. Understanding of this partic-

ular component of supported heterogeneous catalysts has proved to be crucial in

achieving increased reactant conversion and superior FT activity. Further, the

overall FT economics have been addressed with respect to biomass gasification

systems.

Fig 1.13 shows the schematic of the thesis organization. Chapter 2 includes

the experimental materials used, catalyst characterization techniques and anal-

ysis procedures, fixed bed FT reactor configuration and the FT hydrocarbon

product analysis methods.

Chapter 3 deals with the synthesis of cobalt catalysts supported over Al2O3

spheres using single step IWI method and the combustion synthesis (CS) method.

The CS catalysts are further synthesized under fuel rich conditions with equiva-

lence ratio of 1.2 and 1.5. The properties of the synthesized catalysts are charac-

terized with respect to their crystallite sizes, degree of reduction, cobalt disper-

sion and metal support interaction. The variation of the cobalt crystallite size

with the synthesis procedure and the equivalence ratio is presented. This chapter

explains the various phases of cobalt oxides formed on the CS catalysts using H2

temperature programmed reduction experiments. The effect of catalyst synthesis
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procedure on the metal support interaction is explored using X-ray photoelectron

spectroscopy. Post catalyst characterization results, the chapter ends with the

impact of the CS and IWI catalysts on the FT activity and selectivity. The CS

catalysts have a profound effect on the the hydrocarbon product spectrum with

large fraction of FT products consisting waxes (C24+).

Chapter 4 covers the impact of support on the Fischer Tropsch reaction.

Properties of cobalt catalysts supported over silica-doped-alumina (SDA) are

compared with the Al2O3 supported catalysts. The catalysts are synthesized with

IWI and CS method. The effect of silica doping in alumina support results in

reduced cobalt-aluminate formation, that reduces the metal support interaction

leading to higher extent of cobalt reduction and higher formation of active metal

sites on the support surface. Crucially, this chapter demonstrates the effect of

the surface acidity of the SDA supported catalyst and its impact on the syngas

conversion rates and the FT product spectrum. Al2O3 supported catalysts, owing

to its higher surface basicity in comparison to the SDA supported catalysts,

result in the formation of waxes (C24+), whereas the middle-distillate paraffinic

hydrocarbons (C10 -C20) are formed as the primary product for SDA supported

catalysts.

Chapter 5 provides a comparison of the catalyst properties synthesized in

this work, with respect to their crystallite sizes, degrees of reduction, cobalt

dispersion and the metal support interaction. Further, the CO conversion and

the overall hydrocarbon yield of the synthesized catalysts are compared with the

related cobalt catalysts in the literature.

Chapter 6 deals with the techno-economic analysis of the biomass to liquid

(BTL) fuel process, that includes a fixed bed oxy-steam gasification system and

a fixed bed FT reactor. The cost of the liquid fuel output is assessed using

the annualized life cycle of the systems involved. The global conversions that

include conversion of biomass to syngas (developed in CGPL, IISc [Sandeep

and Dasappa, 2014]), FT activity and the hydrocarbon yield of cobalt based

catalysts, comprise of the BTL building block. The techno-economic analysis

is evaluated for a 1000 kg/h fixed-bed, biomass gasification system. Sensitivity

analysis is made for the effect of varying costs of biomass, grid electricity cost

and the weight hourly space velocity on the liquid fuel cost. The costs of various

components utilized in this analysis is assumed exclusively for an Indian scenario.
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Chapter 7 provides an overview of the thesis and adds concluding remarks.

Combustion synthesized
    Co/Al2O3 catalysts

(Chapter - 3)

● Characterize and compare CS catalysts with IWI catalysts
(crystallite size, degree of reduction, 

cobalt dispersion, metal support interaction)
● Analyse the impact of combustion synthesized catalysts 

on FT activity and product selectivity
● Effect of catalyst properties on the hydrocarbon

spectrum

● Effect of silica doping on the cobalt aluminate formation
● Effect of silica doping on the surface acidity
● Effect of metal support interaction for SDA

supported cobalt catalyst
● The effect of SDA on FT activity
● The impact support on the FT product spectrum

(the acidity factor)

Co/SDA: Influence of
support on FT reaction

(Chapter - 4)

● Description of oxy-steam biomass gasification reactor
● Gasifier and FT unit process flows
● Mass and Energy balance
● Techno-economic analysis of the BTL system

(annualized life cycle analysis)
● Liquid fuel cost as a function of syngas conversion

Conversion, yield and
Economics

(Chapter - 6)

Figure 1.13: The thesis organization
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Chapter 2

Experimental materials and

methodology

This chapter describes various experimental techniques used in the synthesis

and characterization of catalysts for Fischer Tropsch reaction. Details of the FT

process conditions and analysis of syngas conversions, catalyst activity and se-

lectivity, and product spectrum analysis procedures are presented. Table 2.1 lists

the all the measurement tools and equipments used along with the corresponding

measured quantities.

Table 2.1: Measured quantities and corresponding equipments

Measured quantity Equipment used

CS reaction exothermicity DT-TGA analyzer

CS reaction temperature Accurate PID controlled muffle furnace
0.3 mm R-type thermocouple

Redox reaction mechanism FT-IR

BET surface area Micrometrics Autochem 2920

Catalyst reduction temperature,
degree of reduction, Micrometrics Autochem 2920
metal dispersion

Co3O4 , CoO & Co0 detection, Rigaku Smartlab XRD
crystallite size

Cobalt oxidation states, Axis Ultra XPS
nature of metal support interaction

Fischer Tropsch reaction Fixed bed high pressure reactor

Syngas and gaseous hydrocarbon analysis Perkin Elmer Clarus-680
GC (FID TCD)

Liquid hydrocarbon analysis Perkin Elmer SQ8 GC-FID
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2.1 Catalyst synthesis

The FT reactions were carried out over supported cobalt catalysts in a

fixed bed reactor. Cobalt catalysts were deposited over high surface area γ-Al2O3

spheres (BET surface area = 158 m2/g, diameter = 0.8-1.1 mm). Catalyst syn-

thesis conditions have a prominent effect on the catalyst properties which in turn

have a direct consequence on the FT activity and the hydrocarbon selectivity.

The effect of catalyst properties such as crystallite size, metal dispersion, cobalt

reducibility have been discussed in Chapter 1.

The Al2O3 supported cobalt catalysts were synthesized by the novel com-

bustion synthesis (CS) method and the properties of combustion synthesized

catalysts were compared with the characteristics of catalysts synthesized by con-

ventional incipient wetness impregnation (IWI) method. Cobalt nitrate hexahy-

drate (Co(NO3)2.6H2O) is used as the metal precursor for all cobalt synthesis. In

the combustion synthesis (CS) of catalysts an aqueous solution of metal precur-

sor (oxidizing specie) and a fuel (reducing specie) is impregnated into the support

pores. The redox mixture impregnated support is ignited by an external heat-

ing source. Once ignited, a swift high temperature (1000 K - 2000 K) reaction

front propagates across the support volume, resulting in the rapid decomposi-

tion of metal precursors and simultaneous formation of metal oxides. The redox

reaction after ignition, does not demand an additional energy for its completion.

The CS reactions are identified by large rates of heat release, high temperature

rise rates (∼ 200 - 500 K/min), and rapid rates of product formation. These

extreme reaction dynamics limit the synthesis of catalysts with metal loading

greater than 7% - 8%. For higher metal loadings, the combustion products form

with uncontrolled explosion, resulting in powdering of the catalysts and in most

cases, mass loss of the active material. This particular constraint prevented the

use of combustion synthesized catalysts for use in FT reactions, where the metal

loading is generally preferred to be >15% [Medina et al., 2010] [Jacobs et al.,

2002]. Also, the use of these catalysts in a fixed bed reactors necessitates the

re-pelletization of the powdered catalysts, which is an unpropitious route. Ma-

jority of the CS catalysts reported in the literature with high metal loading exist

in powdered form, that can only be used in a fluidized bed or a slurry phase

reactor [Zhao et al., 2012] [Mukasyan and Dinka, 2007] Patil et al. [2008]. Series

of combustion synthesized cobalt catalysts by Shi et al. [2011] and Phienluphon
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et al. [2014], for Fischer Tropsch reaction, have been discussed earlier (Chap-

ter 1, Section 1.2.4.4). The authors in that work synthesized the catalysts in

powdered form for use in a slurry phase reactor with a temperature of 513 K

and pressure of 1 MPa. The combustion synthesized catalysts, under those con-

ditions displayed high methane selectivity (SCH4 = 21.2%, α=0.73). Strikingly,

the catalysts synthesized by conventional IWI method showed superior FT ac-

tivity compared to CS catalysts (SCH4 = 11.6%, α=0.80). However, the lesser

performance of the CS catalysts could be attributed to the improper reaction

conditions (higher catalyst activity results in higher rates of exothermic reaction

and, could lead to higher reaction temperature if the effective heat transfer rates

are not enhanced). LeViness et al. [2014] reported the use of silica supported

cobalt catalyst, synthesized by organic matrix combustion process and, used in

a microchannel reactor. Though the cobalt loading, or the synthesis procedure is

not evident in the reported work, the authors reported an average conversion of

70%, CH4 selectivity of 7%, and C5+ selectivity of 88%. The productive reaction

performance was achieved by improved catalyst properties and efficient reactor

performance.

The following sections describe the two catalyst synthesis procedure em-

ployed in this thesis, for use in fixed bed Fischer Tropsch reaction.

2.1.1 Catalysts synthesis by IWI method

IWI method involves the immersion of a high surface area support into

an aqueous solution of dissolved metal precursor [Regalbuto, 2006], in this case

Co(NO3)2.6H2O. The governing driving force for filling of support pores is the

capillary pressure. Catalysts were synthesized with metal loading (L) of 20 wt.%.

The mass of Co(NO3)2.6H2O required for the catalyst synthesis is determined

by Eqn.2.1. Here, mpc is the mass of metal precursor, MWpc and MWCo are the

molecular weight of the metal precursor and metallic cobalt respectively, mcat is

the mass of catalyst synthesised and L is the metal loading. Since cobalt nitrate

hexahydrate is used as the metal precursor for all catalyst synthesis in this work,

MWpc is 291.03 g/mol.

mpc =
MWpc

MWCo

· mcat · L
100

(2.1)
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The support and the aqueous solution of cobalt nitrate are stirred and im-

pregnated in a single step. The impregnated mixture was then calcined in a

muffle furnace at 673 K for a duration of 4 hours. Fig 2.1 provides a pictorial

representation of the IWI synthesis method.

Solid support
Catalyst 
solution

Volume of liquid ≤ than 
pore volume

Impregnation into the 
support pores by 
capillary action

∆ evaporation or 
calcination

Supported 
catalysts

IWI method of catalyst synthesis

Figure 2.1: Incipient wetness impregnation method of catalyst synthesis

2.1.2 Catalyst synthesis by combustion synthesis method

For CS catalysts, the heat required for synthesizing cobalt oxide from

the metal precursor is generated from the self-sustaining chemical reaction of

Co(NO3)2.6H2O and a fuel. The fuel used in this work is hexamethylenete-

tramine, which is a heterocyclic organic compound with the formula C6H12N4.

The stoichiometry for this redox reaction is selected with the equivalence of one,

to achieve maximum heat release. From the reaction stoichiometry, as described

in Eqn.2.2, the metal nitrate to fuel molar ratio is 3.86. The redox mixture are

impregnated into the supports similar to the IWI synthesis method. Calcination

of the CS catalysts are achieved by maintaining the furnace at the redox mix-

ture ignition temperature. The method of synthesizing cobalt catalysts has been

applied for patent. (“Metal catalysts and process for the preparation of catalysts

thereof” - patent application number- 6490/CHE/2015 )

27Co(NO3)2.6H2O + 7C6H12N4 −→ 9Co3O4 + 41N2 + 204H2O + 42CO2 (2.2)
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2.2 Catalyst Characterization

The properties of the synthesized catalysts have a profound effect on the

catalyst activity and selectivity. The synthesised catalysts were characterized

using techniques that are listed and described in the following sections.

2.2.1 BET surface area

The BET surface area analysis is performed using a Micrometrics Autochem

2920 analyser, to evaluate the total surface area (m2/g) of the catalyst support

and the synthesized catalyst samples. Prior to the experiment, the powdered

samples were outgassed at 573 K. After outgassing the sample, a mixture of

nitrogen and helium (15% N2), was flown over the sample, which was immersed

in liquid nitrogen bath (77 K). The adsorption and desorption of the nitrogen

were recorded, and the magnitude of N2 desorbed at 77 K and sample weight

were used to evaluate the total specific surface area.

The surface area was calculated from the Brunauer-Emmett-Teller (BET)

equation. The monolayer capacity, Vm, was obtained from the plot of P/(V·(P◦-
P)) versus P/P◦ in the pressure range of 0< P/P◦ < 0.30.

2.2.2 Simultaneous thermal analysis (DTA-TGA)

The combustion thermal events are characterized with Perkin Elmer STA-

6000 analyser for differential thermal analysis (DTA) and thermogravimetric

analysis, to obtain the real-time measurements and analysis of sample weight

change and heat flow. The analysis indicates a precise temperature at which the

combustion reaction initiates. The sample is heated at the rate of 5 K/min in

static air starting from initial temperature of 313 K to a maximum temperature

until no weight loss is observed (dm/dt=0), indicating completion of the combus-

tion reaction. The temperature calibration of the analyser was performed with

the standard alumel alloy, which has a curie point of 425 K.

Further, to measure the combustion reaction temperature, a known mass

of the redox-mixture impregnated support is placed in a beaker and heated in a

muffle furnace. An R-type (1 mm diameter) thermocouple is inserted into this

beaker which contains the impregnated support. The reaction temperature is
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recorded using a P-Daq data acquisition system. The redox mixture is heated

by increasing the furnace temperature at the rate of 10 K/min using a PID

controller. Once the reaction gets initiated, a reaction wave spans throughout

the support volume forming cobalt oxide.

2.2.3 Fourier transform infra red (FT-IR) spectroscopy

The FT-IR spectra of the impregnated supports and calcined catalysts are

examined to investigate the nature of the redox complex and most importantly,

to probe if the completeness of the redox reaction. The spectrum also evidences

the presence of any combustion residues on the catalyst surface. The FT-IR spec-

tra are obtained using a Perkin Elmer 100 FT-IR spectrometer coupled with an

Attenuated total reflection (ATR) accessory. ATR sampling technique when used

simultaneously with the infra-red spectroscopy, enables the samples to be exam-

ined directly in solid or liquid state without the need for any further preparation.

The samples are scanned in mid-infrared region, from 4000 cm−1 - 400 cm−1. The

instrument consists of a diamond ATR-crystal and the the detector is Lithium

Tantalate (LiTaO3). The samples are scanned in the mid-IR region to obtain a

FT-IR spectra of 64 scans with a resolution of 4 cm−1.

2.2.4 Temperature programmed reduction and desorption

(TPR-TPD)

The temperature programmed reduction and desorption (TPX, X = reduc-

tion/desorption) experiments were conducted to determine the catalyst reduction

temperature, the degree of reduction and the metal dispersion. The TPX results

also provide an useful insight into the metal support interaction of the synthe-

sized catalysts. The TPX studies are performed in a Micrometrics Autochem

2920 TPX system. A known mass of sample (∼ 50 - 100 mg) is weighed and

placed in a U-shaped quartz sample tube and fixed in a tubular furnace. The

furnace temperature is measured using a 2 mm K-type thermocouple and con-

trolled using a PID controller. The Micrometrics Autochem 2920 TPX sample

block is shown in Fig 2.2. Prior to TPR analysis, the sample is conditioned by

heating in Ar at 473 K for two hours, to remove any traces of moisture. There-

after, the quartz cell is cooled to 323 K and the TPR analysis begins by flowing
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analysis gas (10% H2 in Ar), over the sample with a flow rate of 10ml/min.

As the gas flows, the sample temperature is increased linearly from 323 K to

1273 K at a rate of 10 K/min. Changes in the concentration of the gas mixture

are determined by a thermal conductivity detector (TCD), and this information

yields the H2 uptake volume. The TCD is made up of a highly accurate, gold

plated filaments that detect minute changes in the thermal conductivity of gases.

The TCD block is maintained at 473 K all through the analysis. To determine to

amount of chemisorbed H2, approximately 30 mg of catalyst sample is reduced in

pure H2 (purity >99.995%) for 16 hours at the reduction temperature and cooled

to 373 K. At this temperature, the gas flow is switched to Ar, and the flow is

maintained at this temperature for one hour to remove physisorbed H2. The cat-

alyst cell is then ramped to 773 K at a rate of 20 K/min in Ar flow to desorb

the chemisorbed H2. The degree of metal reduction (DoR), which is the fraction

of cobalt oxide reduced to metallic cobalt is evaluated by Eqn.2.3. Here, NH2−ads

is the H2 uptake from the TPR spectra, L is the percentage metal loading, SF

is the Co0 reduction stoichiometric factor (1.33), mcat is the mass of catalyst

used for the TPR and TPD process. The metal dispersion, which is the non-

dimensional number representing the fraction of free metal atoms over the total

number of metal atoms in the catalyst, is calculated using the formula stated in

Eqn.2.4. The dispersion calculation assumed dissociative H2 chemisorption with

stoichiometry factor of 0.5.

DoR(%) =
NH2−ads ∗ 58.93

mcat ∗ L ∗ SF
∗ 100 (2.3)

D(%) =
NH2−des ∗ 2 ∗ 58.93 ∗ 106

L ∗mcat ∗DoR
(2.4)

Temperature programmed desorption of ammonia (NH3-TPD), which is an

extensively used technique for characterizing the acid sites on catalyst surfaces,

was employed to determine the surface acidity and the magnitude of active sites

on the supports and the synthesized catalysts [Camiloti et al., 1999]. Around 30

mg of sample is placed in the quartz sample holder and saturated with NH3 at

373 K for two hours. The gas flow is then switched to Ar with a flow rate of 50

ml/min at the same temperature for an hour to remove physisorbed NH3. The

sample temperature was then increased to 700 K at 20 K/min. The amount of
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K-type thermocouple

U-shaped quart tube (sample holder)

Catalyst sample sandwiched between 
glass wool

Furnace block

Figure 2.2: TPX unit consisting of the sample holder and the furnace section

desorbed NH3 is recorded to determine the number of acidic sites.

2.2.5 X-ray diffraction (XRD)

The X-ray diffraction pattern of all the catalyst samples were obtained

at room temperature in a Rigaku Smartlab XRD diffractometer with Bragg-

Brentano parafocusing geometry. The instrument is equipped with CuKα x-ray

source with an average wavelength of 1.542 Å obtained by setting the copper tar-

get x-ray tube to 40 kV and 30 mA. In order to reduce the unwanted radiation

from the X-Ray source and to eradicate maximum possible Kβ radiation, curved

graphite single crystal monochromator was used. The incident beam optics in-

cluded a Soller slit of 5◦ and a Bragg-Brentano (BB) selection slit. The diffracted

beam optics included a Soller slit of 5◦ and parallel slit analyser (PSA) open as

the receiving optical device. The powdered samples spread on a rectangular glass

slide and placed on a flat plate stationary holder. The 2-θ values were scanned

at a rate of 0.2◦/min from 30◦ to 70◦.

The cobalt and cobalt oxide crystallite size were evaluated using the Scherrer

equation, shown in Eqn.2.5. Here, L is the crystallite size in nano meter, k is the

Scherrer constant (0.9), λ is the Cu Kα wavelength (1.542 Å), βe is the effective

peak broadening at full width half maxima, after subtracting the instrumental
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line broadening and, θ is the half angle of the peak. Integral breadth method for

the x-ray line profile analysis was performed using the Voigt model for intrin-

sic, as well as the instrumentation diffraction peak shapes. The contribution of

the instrument to the peak broadening and evaluate the βe was determined by

method shown in appendix A.

L =
k · λ

βe · cos(θ)
(2.5)

2.2.6 X-ray Photoelectron Spectroscopy (XPS)

XPS tool was used to determine the various oxidation state of the synthe-

sized catalysts. A constant energy X-ray beam, such as that of Al-Kα (1486.6

eV), or Mg-Kα, is irradiated on the sample surface. Consequently, the photon

energy absorbed by the atom is conserved as a sum of the binding energy of the

core electron and the kinetic energy of the escaping electron. Kinetic energy (Ek)

of the photo-electron is given by Eqn.2.6. Here, hν is the energy associated with

the exciting radiation, EB is the binding energy (B.E.) of the electron in the solid

and φ is the work function.

Ek = hν − EB − φ (2.6)

During the XPS analysis, Siegbahn et al. [1967] reported the sample contam-

ination by carbon, which originated from the pump oil vapours. Conveniently,

the occurrence of B.E peak due to carbon contamination is used as an inter-

nal calibration standard for the shift in B.E. peaks. The C 1s peak at 284.8, as

obtained from the graphite, is taken as a standard. The information about the

valence state of an atom in the solid sample can be determined from the shift

in the binding energy values of the core level electron with respect to a neutral

atom, which is referred to as the core-level chemical shift [Axelson et al., 1967].

The core-level chemical shift in an atom is dependent on the effective charge

which is in turn influenced by factors such as valence state, coordination num-

ber, bond distance etc. This influence is described by the charge potential model,

and described in Eqn.2.7. In this equation, Ei is the B.E. of a particular core

level electron of atom i, Eo
i is an energy reference in the element, qi is the charge

on atom i, and the last term sums the potential at atom due to point charges on
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the surrounding atoms. Therefore, even though cobalt atom exists in +2 and +3

oxidation state, over Al2O3 supports, a difference in the net effective charge on

the cobalt atom would alter the binding energy. Generally, the binding energy of

Co2p3/2 increases with effective charge, q, on Co.

Ei = Eo
i + kqi +

∑
i 6=j

qi
rij

(2.7)

XPS spectra of all the samples were recorded in Axis Ultra system with Al

Kα radiation (hν = 1486.6 eV), operated at 15 kV, 10 mA and at ambient tem-

perature. The sample for analysis were powdered, suspended in ethanol solution

and then drop cast on a double sided carbon tape and placed on silicon wafer.

The prepared samples were dried for 24 hours and then placed into the ultra

high vacuum preparation chamber at 10−8 Torr for 6 hours, and then transferred

to the analysis chamber at 10−9 Torr housing the analyser. The narrow region of

core level spectra of the calcined and reduced catalysts are analyzed to obtain

information on the cobalt oxidation state. The XPS spectrum peak shift is cor-

rected using the B.E. of C-1s spectra observed at 284.8 eV. The raw XPS data

are deconvoluted using CasaXPS software to separate the contributions from

various oxide phases, after subtracting the linear background.

2.3 Fischer Tropsch reaction

The synthesized catalysts are reduced in flowing hydrogen, and tested for

its FT activity in a high pressure, fixed bed FT reactor. The performance of the

catalysts are analyzed with respect to the syngas conversion, and selectivity to

gas phase and higher hydrocarbons.

2.3.1 Bulk catalyst reduction

The CS and IWI catalysts, prior to FT reactions, are reduced in a tubular

furnace in flowing H2 (purity > 99.995%), with a flow rate of 100 ml/min. The

reduction temperature of the catalysts are selected based on the temperatures

obtained from the TPR experiments. 25 g of catalyst is weighed into a quartz

tube of 8 mm diameter. H2 is circulated over the catalyst and the temperature
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is increased linearly from 323 K to the reduction temperature at the rate of 10

K/min. The catalyst is reduced for a duration of 16 hours. Fig 2.3 shows the

tubular furnace for the reduction of bulk catalysts. After 16 hours, the furnace

temperature is reduced to ambient temperature, and the flow of hydrogen is

stopped. The reduced catalysts are the carefully transferred to FT reactor.

H2 in
(100 ml/min)

Un-used H2 out
(flare)

Tubular furnace 
with catalyst 
loaded quartz tube 
placed along the 
horizontal axis

H2 leak detector

PID controller

Figure 2.3: Bulk catalyst reduction setup

2.3.2 Fixed bed FT reactor

FT reactions were performed in a high pressure, fixed bed reactor, con-

structed of SS-316 material. The syngas feed was obtained from pressurized

cylinders consisting of 70% (vol%) H2 and 30% (vol%) CO, corresponding to

a H2/CO ratio 2.3:1. The catalyst cell comprised of a 30 ml cuboid shaped sec-

tion whose dimensions are shown in Fig 2.4. Six grams of reduced cobalt catalysts

are loaded into the catalyst bed for every FT reaction. To maintain isothermal

conditions in the reactor bed, the catalyst is mixed with β-SiC with a mass ratio

of 5:1. The catalyst bed is placed in a cylindrical heating chamber and is heated

to the reaction temperature of 503 K and a pressure of 3 MPa. The bed tem-

perature is increased linearly from ambient temperature to 503 K at the rate of

2 K/min. A RTD Pt-100 sensor coupled with a PPI make self-tune 8-segment

precision PID controller is used to monitor and control the bed temperature. The

RTD is inserted into an axially located thermowell. Fig 2.5 shows the catalyst

bed temperature during the FT reaction, as observed for a duration of 2 h.

The reactor pressure is controlled by TESCOM ER-5000 back pressure reg-
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Figure 2.4: Catalyst cell with the dimensions

Figure 2.5: Catalyst bed temperature during the FT reaction

ulator. The pressure signal from the reactor bed is transmitted to the BPR

by a pre-calibrated WIKA S-20 pressure transmitter. Simultaneously, the reac-

tor pressure is monitored using a Neuro 100ac pressure indicator, as well as an

analog pressure gauge. The flow to the reactor is controlled using a flow-mode

operating BROOKS digital mass flow controller. The mass flow controller was

calibrated using a bubble flow meter, in the desired flow range. Fig 2.6 shows the

calibration profile for the mass flow controller. Subsequently, the actual syngas

flow rate is evaluated as a linear function of the set flow rate. For the FT ex-

periments conducted in this work, the syngas flow rates are varied such that the

weight hourly space velocity ranges from 873.3 ml/(h·gcat) to 2610 ml/(h·gcat).

The products of FT reaction consist of lighter gas phase hydrocarbons and

heavy liquid phase paraffins. The liquid products from the hot gas are separated
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Figure 2.6: BROOKS mass flow controller calibration chart

in a single pass water jacketed condenser which is maintained at 268 K using

a MC3i IKA chiller. The gas phase hydrocarbons are analyzed using an online

gas chromatograph and the liquid hydrocarbons, collected in the condenser, are

analyzed using a GC-MS. Fig 2.7 shows the integrated FT reactor configuration

and Fig 2.8 shows the detailed layout of the FT synthesis section.

2.3.3 Product analysis

The products from the FT reactor that include the gas phase hydrocarbons,

liquid hydrocarbons, unconverted syngas and fractions of CO2 were analysed us-

ing gas chromatograph. CO, H2 and CO2 are analysed using TCD detector in the

Mayura Anaytical GC-1100 system and the gas phase hydrocarbons were anal-

ysed using the FID detector in the Perkin Elmer Clarus 680 gas chromatograph.

Helium was used as a GC carrier gas. H2, CO and CO2 were analyzed using a

mol-sieve and haysep-A packed columns while the gas phase hydrocarbons were

separated in an Elite-Alumina column. The GC conditions and the method of

analysis are explained in appendix B

The oven temperature is maintained at 403 K with the carrier gas flow rate
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a = Instrumentation pannel

b = Mass flow controller

c = Reactor with safety valves, RTD, pressure transmitter, and pressure gauge

d = Back pressure regulator

Figure 2.7: FT reactor configuration indicating major components
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1. Calibrated syngas cylinder
2. Mass flow controller
3. Catalytic reactor
4. Condenser (hot trap)
4a. Condenser (cold trap)
5. Chiller
6. Mass flow meter (exit)
7. Flare
8. Gas chromatograph
9. Tubular furnace
10. Back pressure regulator

Figure 2.8: Layout of the FT synthesis unit

of 30 ml/min. The gas sample to be analyzed, was injected into the GC via a gas

auto-sampler and a PSS injector which was maintained at 473 K. Various gas
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species were identified and quantified using TCD and FID detectors. The FID is

calibrated using standard gas mixture, as listed in Table B.2.

Liquid products were analyzed separately by a Clarus SQ8 GC-MS system,

that consisted of an Elite 5MS column (length = 30 m; internal diameter = 0.25

mm). Helium is used as a carrier gas with a flow rate of 1 ml/min. The analysis

method included injection of 5µl sample and heating the GC oven from 313 K

to 573 K at a ramp rate of 5 K/min, and holding the temperature at 573 K

for 20 minutes. The sample preparation included dilution of the hydrocarbon

sample with 2-propanol solvent. The liquid hydrocarbon sample was dissolved in

the solvent with a sample to solvent volumetric ratio of 1:100. The hydrocarbon

fractions were quantified by calibrating the GC-MS, which included injecting

known fraction of Supelco paraffin standards. The calibration constants for the

hydrocarbon standard are shown in Table B.3.

The concentrations of the liquid hydrocarbon products from the FT reactor

were obtained by multiplying the GC-MS chromatogram area with the calibra-

tion factor. The product composition and the exit flow rates are recorded for a

duration of 160 h, after a catalyst stabilization period of 24 h.

As explained in the previous chapter, the FT reaction is a surface polymer-

ization reaction and the generation of higher hydrocarbons is characterized by

the carbon chain growth and the subsequent chain termination on the catalyst

surface. The work reported by [Schulz, 2003] showed that catalyst activation

lasts for about 3-4 days. Schulz’s work further showed that under the FT re-

action conditions the cobalt surfaces segregate leading to disproportionation of

sited for higher and lower coordination, which develops the activity for the re-

actions within FT mechanisms. As shown in Fig 2.9, the FT regime develops

in 3 episodes. Episode 1 is the first syngas adsorption regime. During episode

2, the catalyst activity increases and selectivity changes are observed. Finally,

the steady state FT synthesis are observed during episode 3 (after about 50 h).

This observation was explained by the corrosive chemisorption phenomena of

metal surfaces, wherein the cobalt crystals are roughened and respectively seg-

regated. This change in surface structure is an essential feature of FT synthesis

with cobalt catalysts [Schulz, 2003].

For the FT experiments performed in this thesis similar phenomena was

observed, and the steady state FT activity was recorded only after 24 hours.
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Figure 2.9: Cobalt catalyst activation regime

[Figure from [Schulz, 2003]. Steady state FT activity achieved in 3 regimes of catalyst

“formation”, explained by the corrosive chemisorption phenomena]

The CH4 selectivity during the transient conditions remained predominantly high

(SCH4 = 30 - 35%), after which the selectivity gradually dropped. Therefore, all

the activity and selectivity measurements were recorded after 24-30 hours of

catalyst stabilization.

The percentage CO conversion and hydrocarbon product selectivity are eval-

uated according to Eqn.2.8 and Eqn.2.9. Here, ṁCO−in, ṁCO−out are the mass

flow rates of CO entering and leaving the system and ṁCH∗ is the mass flow rate

of the hydrocarbon product specie. The mass flow rate and the yield of of hy-

drocarbon product (g-HC/g-syngas) is evaluated according to Eqn.2.10 Eqn.2.11

respectively. Here, ṁCH∗ and ṁsyngas are the mass flow rate of the hydrocar-

bon fraction and the syngas mass flow rate, measured in g/h respectively. YCH∗

is the yield of the hydrocarbon fraction evaluated as the mass of hydrocarbon

fraction generated per unit mass of syngas. Most importantly, identical process

conditions, especially the weight hourly space velocity (WHSV), were consid-

ered for comparing yields of various catalysts, including other catalysts from the

literature.

χCO(%) =
ṁCO−in − ṁCO−out

ṁCO−in
· 100 (2.8)

SCH∗(%) =
ṁCH∗

ṁCO−in − ṁCO−out
· 100 (2.9)
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ṁCH∗ = SCH∗ ·
ṁCO−in − ṁCO−out

100
(2.10)

YCH∗ =
ṁCH∗

ṁsyngas

(2.11)

2.4 Summary

The experimental tools used for the synthesis and activation of catalysts,

characterization of redox mixtures, and the spectroscopy instruments (XRD,

XPS, SEM-EDS) are shown in Fig 2.10 and Fig 2.11. This chapter presented

the quantification instruments and the experimental methodology used for syn-

thesizing and characterizing catalysts, Fischer-Tropsch reactions and product

analysis.

Figure 2.10: TGA-DTA ; GC-MS ; FT-IR ; muffle furnace; TPR-H2 chemisorption;
bulk catalyst reduction
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Figure 2.11: X-ray photoelectron spectroscopy (XPS) & X-ray diffraction (XRD)
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Chapter 3

Combustion synthesised γ-Al2O3

supported cobalt catalysts

The present chapter is concerned with the synthesis, characterization and the

FT activity of Al2O3 supported cobalt catalysts. The catalysts were synthesized

by incipient wetness impregnation (IWI) method and the novel combustion syn-

thesis (CS) method, as described in the previous chapter. The properties and

the performance of the combustion synthesized catalysts are compared with the

conventional IWI method. Additionally, the chapter shows the effect of the com-

bustion reaction stoichiometry (the fuel to oxidizer ratio) on the catalyst proper-

ties and its consequent effect on the FT reaction performance. The combustion

synthesized catalysts were synthesized with equivalence ratio of 1, 1.2 and 1.5.

Particularly, the impact of the synthesis procedure and, the effect of the fuel to

oxidizer ratio on the cobalt-support interaction has been investigated. FT active

metals deposited over oxide support show a distinct metal support interaction

(MSI) and, depending on the nature of this MSI, the FT activity is shown to be

dynamically affected.

3.1 Catalyst characterization

The catalyst synthesis conditions display pronounced effect on the catalyst

properties, which include crystallite size, degree of reduction and metal disper-

sion. These properties directly affect the FT activity, hydrocarbon selectivity and

the product distribution.
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3.1.1 Combustion reaction dynamics

CS catalysts are synthesized with a reaction stoichiometry such that the

impregnated redox mixture react over the support surface without any residual

traces of carbonaceous products or un-burnt fuel and metal precursors, result-

ing exclusively in the formation of Co3O4 . Therefore, the fuel-to-oxidizer ratio

should be such that, adequate energy is generated in a self sustained fashion

for the absolute decomposition of the fuel and metal precursor into cobalt ox-

ide and gaseous products. The gaseous products of combustion include, CO2, N2

and water vapour. The maximum theoretical temperature achieved for Eqn.3.1 is

evaluated from the thermodynamic properties of the reactants and the products,

as listed in Table 3.1. If all the heat generated during the combustion reaction

is utilized to heat the products without exchange of heat with its surround-

ings, the adiabatic flame temperature (Tad), can be evaluated using Eqn.3.2,

where n is the number of moles of species participating in the reaction, ∆H◦f
is the enthalpy of formation, Cp is the heat capacity of products at constant

pressure. In Eqn.3.2, room temperature is considered as the reference tempera-

ture (T◦=298 K). Consequently, a maximum adiabatic temperature of 1457 K is

obtained for the combustion reaction of hexamethylenetetramine (HMTA) and

Co(NO3)2.6H2O.

27Co(NO3)2.6H2O + 7C6H12N4 −→ 9Co3O4 + 41N2 + 204H2O + 42CO2 (3.1)

− [
∑

n(∆H◦f )products −
∑

n(∆H◦f )reactants] =

Tadˆ

T◦

(
∑

nCp)productsdT (3.2)

Experimental determination of the maximum combustion temperature at-

tained by the redox reaction resulted in 571 K, which is sufficient for complete de-

composition of the metal precursor. The temperature-time profile for the HMTA

and cobalt-nitrate redox reaction with an oxidizer to fuel molar ratio of 3.86

is shown in Fig 3.1. Clearly, two stages of combustion are observed. The first

stage, observed from the reaction initiation at 421 K to 480 K, with a slope of

15 K/min, is due to the initiation of surface combustion reaction. The second

stage, as observed from 480 K to a maximum temperature of 571 K, is accounted
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Table 3.1: Thermodynamic data for evaluating adiabatic flame temperature

Compound ∆H◦f (kJ/mol) Cp (kJ/(mol·K)) a

Co(NO3)2.6H2O -2212.26 -

C6H12N4 120.56 -

Co3O4 891.0 0.123

H2O -241.76 0.034

N2 0 0.021

CO2 -393.51 0.037

aaverage Cp value

for the redox reaction of bulk NO3− and the fuel. The temperature rises in this

stage at a rate of 180 - 200 K/min. The entire combustion reaction resulting in

the formation of cobalt oxides is completed in a short span of 10 minutes, as

indicated by the hatched region in Fig 3.1.

The thermal events occurring in the course of the combustion reaction were

recorded using a differential thermal and thermogravimetry analyser (DT-TGA).

The DT-TGA curves for IWI and CS impregnated supports are shown in Fig 3.2.

The redox reactions occur in the temperature range of 430 K - 520 K, where a

total weight loss of 25% is observed. Region I for CS catalysts, as seen from 430

K to 455 K, shows 4.5% sample weight loss. The exothermic reactions that occur

in this region correspond to the surface combustion of NO3− and HMTA. In

region II, observed from 455 K - 475 K, the sharp exothermic peak corresponds

to the redox reaction of bulk NO3− and HMTA. A maximum weight loss of 16%

is observed in this region. The weight loss observed in region III is due to the

redox reaction of residual fuel-oxidizer mixture, as observed from 476 K to 521 K,

accounting for 5% sample weight loss. The thermal behaviour observed for IWI

catalysts shows a broad weight loss region with an endothermic decomposition

of Co(NO3)2.6H2O, resulting in the formation of Co3O4. The weight loss curve

for CS catalysts shows clearly that the selected stoichiometry produces enough

heat for decomposition of cobalt nitrate resulting in the formation of supported
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Figure 3.1: Temperature time profile for C6H12N4-Co(NO3)2.6H2O reaction

Co3O4.

The Fourier transform infrared spectroscopy of the HMTA-cobalt nitrate

mixture and the calcined CS catalysts were analyzed to investigate the nature

of the redox complex and to examine the completion of the combustion reac-

tion. The FT-IR spectra of the impregnated redox mixture and the calcined CS

catalysts are shown in Fig 3.3. The FT-IR spectrum here, is a plot of percent-

age transmittance (%T) and wavenumber (cm−1). As seen in Fig 3.3, the broad

peak observed at 3352 cm−1 implies the presence of moisture, due to the O-H

stretching mode [Gerakines et al., 1994]. The sharp peak observed at 1360 cm−1,

corresponds to the symmetric stretching of monodentate NO3− ion. Further ob-

servation reveals the splitting of this band 1313 cm−1 and 1296 cm−1. The split

band spectra evidences the coordination of HMTA to the cobalt ion [Agwara

et al., 2011]. Combustion synthesized metal oxides by Prakash et al. [2002], re-

ported a HMTA is a tetradentate ligand, that forms complexes with metal ions

and act as combustion precursors to complex metal oxides. The medium intensity

peak identified at 819 cm−1 corresponds to the vibration spectra occurring due
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Figure 3.2: Simultaneous thermogravimetric and differential thermal analysis for CS
and IWI catalysts

to the rocking vibrations of the CH2 group. The FT-IR spectrum of CS calcined

catalysts, the absence of the cobalt precursor and the HMTA functional groups,

indicate the completion of redox reaction, further supporting the complete com-

bustion for the selected stoichiometry without the presence of any combustion

residues.

Table 3.2 shows the surface area of the synthesized alumina catalysts. Cobalt

loading reduces the active surface area due to the fraction of support pores

occupied by the cobalt oxide crystals. The catalysts synthesized with equivalence

ratio of φ=1.2 and φ=1.5 show slightly lower surface area. The reduced surface

area could be attributed to the carbon coverage of the support pores under fuel

rich conditions.

3.1.2 Temperature programmed reduction and desorption

(TPR/D)

The TPR experiments provide the reduction temperatures for the synthe-

sized catalysts. Simultaneously, the concentration of H2 consumed during the
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Figure 3.3: FT-IR spectra of the supported redox precursors and calcined CS catalysts

Table 3.2: Surface area of the synthesized catalysts

Catalyst BET surface area (m2/g)

Al2O3 158

Al2O3 - IWI 124

Al2O3 - CS (φ=1.0) 127

Al2O3 - CS (φ=1.2) 120

Al2O3 - CS (φ=1.5) 116

reduction process is obtained as a function of the recorded TCD signal, using a

level calibration. As a result, the area under the concentration-temperature curve

generates the hydrogen consumed, yielding fraction of cobalt oxide converted to
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zero valent cobalt. Fig 3.4 shows the reduction profile for the synthesized cat-

alysts. It is evident from the figure that the combustion synthesized catalysts

result in elevated reduction temperatures, compared to IWI catalysts. For IWI

supported catalysts, the H2 reduction peaks are observed at 581 K and 804 K.

The two peaks correspond to the twin step reduction of Co3O4 to Co0 (Co3O4

−→ CoO−→ Co0). In the case of combustion synthesized catalysts, the reduction

peaks obtained at higher temperatures correspond to the reduction of different

phases of cobalt oxides at varying temperatures.
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Figure 3.4: TPR spectra of IWI and CS catalysts

[phi=1.2 and phi=1.5 are the catalysts synthesized by CS method in fuel rich conditions,

with equivalence ratio of 1.2 and 1.5 respectively ]

The reduction of distinct phases of cobalt oxides formed on the surface of

γ-Al2O3 supports were explained by Arnoldy and Moulijn [1985], where four

stages of reduction temperatures were recorded corresponding to the four dif-

ferent phases of cobalt oxides formed on the alumina surface. The reduction

temperatures for these phases were identified using their bulk standards. Fig
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3.6 shows the TPR patterns for bulk cobalt-alumina compounds [Arnoldy and

Moulijn, 1985]. A detailed comparison of Fig 3.4 with Fig 3.6 and Fig 3.5 gives an

useful insight into the oxidation states of cobalt and cobalt alumina compounds

formed on the catalyst surface. Phase-1 comprises of the twin step reduction of

Co3O4 as explained earlier. This phase is marked in Fig 3.4 with T1 and T2, oc-

curring similarly for all synthesized catalysts. Phase-2, as described by Arnoldy

and Moulijn [1985], constitutes the reduction of Co3+ ions in the Co3AlO6 crys-

tallites. This reduction peak occurs at 750K and, minimal H2 uptake is observed

at this temperature for CS catalysts, though some fraction of reduction degree is

observed for IWI catalysts. Phase-3 is marked by the reduction of surface Co2+

ions, as observed at 900 K. A strong peak is seen at this temperature for the com-

bustion synthesized catalysts (T3 = 900 K - 915 K) indicating the the presence

of surface Co2+ species. Further, for the combustion synthesized catalysts, the

broad peak observed in the temperature range of 1120 K to 1160 K (marked T3′)

includes the reduction of surface or subsurface Co2+ ions in the Co2+-Al3+ spinel

structure. From the TPR profile observed in Fig 3.4, it is evident that the spinel

structures continue to get reduced at temperature ranging from 1100 K to 1200

K. Form Fig 3.4 it is evident that H2 consumption does not occur at tempera-

tures above 950 K. However, the irreducible cobalt oxide species that reduce at

temperatures above 1200 K have been described by Arnoldy and Moulijn [1985]

and Schanke et al. [1995]. It is quite likely that the irreducible cobalt aluminate

compounds are present in IWI synthesized catalysts, since these species exist in

a stable form at low calcination temperatures [Patil et al., 2008].

The combustion synthesized catalysts, which include the catalysts synthe-

sized with equivalence ratio of 1, 1.2 and 1.5 have similar TPR profiles, except

that the H2 consumption varies with the equivalence. This is a strong indication

of varying degrees of reduction for the combustion synthesized catalysts. The

reduction temperatures, the degree of reduction (DOR) and the metal disper-

sion (D) are shown in Table 3.3. As seen from the table, the degree of cobalt

reduction and the metal dispersion are higher for combustion synthesized cata-

lysts compared to IWI catalysts. DOR increases from 63.8% for IWI catalyst to

68.7% for CS catalysts synthesized with φ=1. Above all, the CS catalysts syn-

thesized with φ=1.2 and φ=1.5, show an additional increase in DOR by 18% and

20% respectively. For equivalence ratio above 1.2, the fuel rich conditions most
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[Co3O4 standard sample obtained from Alfa Aesar, subjected to TPR tests, under similar

conditions are the IWI and CS catalysts]

likely result in the formation of residual carbon which is likely to affect the FT

reaction rates. The highest degree of reduction is attained for equivalence ratio

of 1.5. Simultaneously, the metal dispersion, which is indicative of the fraction

of active cobalt sites present on the catalyst surface is least for IWI catalysts

(9.3%) and highest for CS catalysts with φ=1.5 (13.2%). Strikingly, higher de-

gree of reduction and cobalt dispersion for CS catalysts is also attributed to the

near to complete reduction of cobalt alumina species occurring on the catalyst

surface, which exist in stable form over IWI catalysts.

3.1.3 X-ray diffraction

X-ray diffraction patterns for the calcined catalysts showed distinct peaks

corresponding to Co3O4. Fig 3.7 shows the xrd spectra for the calcined and

reduced IWI catalyst and CS catalyst synthesized with equivalence ratio 1. Sim-
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Figure 3.6: TPR patterns of the reference materials to correlate with the Co-alumina

phases

[Data extracted from Arnoldy and Moulijn [1985]]

ilarly, Fig 3.8 shows the XRD spectra for combustion synthesized catalysts syn-

thesized with equivalence ratio of 1.2 and 1.5. The 2-θ peaks recorded at 31.2◦,

36.94◦, 44.86◦, 55.82◦, 59.24◦ and 65.16◦ agree with the spectra of Co3O4 . More-

over, the peaks observed at 32.9◦, 38.6◦ and 66.9◦ reveal the XRD spectrum

of cobalt aluminate and alumina. The XRD spectrum of cobalt aluminate and

alumina confirm with the spectrum recorded by O’NEILL [1994] (ICSD-40029)

and Gutiérrez et al. [2001] (ICSD-95302). The XRD spectra of reduced catalysts

show sharp 2θ peaks at 44.2◦ and 51.5◦, which correspond to metallic cobalt. In

analysing the XRD spectra of cobalt-alumina support framework, it is found from

the literature that, the 2θ peaks for Co3O4 and CoAl2O4 almost overlap. As a

result, a conclusive claim for the presence of CoAl2O4 in the synthesized catalysts
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Table 3.3: TPR-TPD summary

Catalyst Reduction temperatures DOR D

T1 (K) T2 (K) T3 (K) (%)a (%)b

Co/Al2O3 - IWI 484 586 800 63.8 8.6

Co/Al2O3 - CS(φ=1) 480 554 915 ; 1140 68.7 10.9

Co/Al2O3 - CS(φ=1.2) 458 575 910 ; 1131 75.0 12.8

Co/Al2O3 - CS(φ=1.5) 458 566 898 ; 1160 76.8 13.2

Co3O4 Standard 512 574 - -

afrom TPR H2 uptake; bfrom H2 TPD of reduced catalysts

is not reasonably attained by XRD analysis alone. Nevertheless, the presence of

metallic cobalt is clear to indicate the formation of FT active metallic sites after

the reduction process.

Table 3.4 shows the cobalt crystallite size for the synthesized catalysts.

As seen from the table, the combustion synthesized cobalt catalysts have smaller

crystallite size compared to the IWI catalysts. The crystallite size decreases from

15 nm to 10.5 nm for CS catalysts synthesized with φ=1, indicating a 43% re-

duction in the crystallite size for CS catalysts. Further, the catalysts synthesized

with fuel rich conditions show even smaller Co3O4 crystallite sizes. The CS cata-

lyst synthesized with φ=1.2, contains 7.3 nm sized cobalt oxides, and CS catalyst

synthesized with φ=1.5 results in cobalt oxides with 6.6 nm. As mentioned ear-

lier, any further increase in the equivalence ratio, results in the powdering of

cobalt oxides, with considerable fraction of residual fuel and carbon deposits on

the catalyst surface. The reduced crystallite sizes for CS catalysts, furthermore

support the increased metal dispersion.

A possible reason to support the reduced crystallite size of combustion syn-

thesized catalysts, is the time of calcination. As seen from Fig 3.1, the CS re-

actions are completed in a short span of 10 minutes. Above all, the molecular

mixing of redox reactants throughout the support volume results in homogeneous

distribution of metal-oxide across the support matrix. Contrastingly, the IWI cat-

alysts need to be calcined for a duration of 3.5 to four hours for the complete

decomposition of metal precursor and the consequent formation of Co3O4. IWI
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catalysts have agglomerated metal-oxide formation on the support surface lead-

ing to non-homogeneity in the particle distribution, and hence larger crystallite

size and reduced metal dispersion.
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Figure 3.7: XRD spectra of Al2O3 supported cobalt catalysts synthesized by IWI
method and CS method with equivalence ratio of 1

3.1.4 X-ray photoelectron spectroscopy

XPS spectra of the Co3O4 powder, as shown in Fig 3.9, was used to distinctly

identify the binding energy of the Co+3 and Co+2 oxidation states, since Co3O4 is

a mixed valence compound containing both Co(II) and Co(III) oxidation states.

Deconvolution of the XPS spectra enables the identification and quantification of

the cobalt oxide phases occurring on the catalyst surface. The spectral mapping

of the high resolution elemental spectra is obtained by Gaussian curve fitting

routine, and the corresponding binding energy reference was obtained from the
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Figure 3.8: XRD spectra of Al2O3 supported cobalt catalysts synthesized by CS method
with equivalence ratio of 1.2 and 1.5

Table 3.4: Crystallite sizes of the calcined Al2O3 supported catalysts

Catalyst Crystallite size (nm)

Al2O3 - IWI 15.0

Al2O3 - CS (φ=1.0) 10.5

Al2O3 - CS (φ=1.2) 7.3

Al2O3 - CS (φ=1.5) 6.6

NIST database [Naumkin et al., 2008]. The component at 779.9 eV, for the

deconvoluted spectra is referenced to Co3O4 and the second low intensity peak
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at at 781.8 eV corresponds to CoO. The satellite peak observed at 785.8 eV

are indicative of CoO, and occur due to the charge transfer band structure,

assigned to the late 3d transition metal oxides [Carson et al., 1996]. Fig 3.10 and

Fig 3.11 show the XPS spectra of the calcined catalysts. A comparison of the

deconvoluted XPS spectra of the calcined catalysts with the standard powder

reveals the occurrence of Co3O4 as the most dominant phase in the IWI and CS

catalysts. XRD of the synthesized catalysts too reveal Co3O4 as the dominant

phase.
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Figure 3.9: De-convoluted XPS spectrum of standard Co3O4 standard

The nature of the metal support interaction can be substantially obtained

from the intensities and the binding energy values of the satellite peaks. A higher

concentration of the cobalt aluminates is indicated by the higher intensity of

the shake-up satellites. This is because, CoAl2O4 has characteristics of strong

shake-up satellites and has binding energies 6 - 7 eV higher than the main peak.

Ji et al. [2000] and Zsoldos et al. [1991] reported stronger satellite intensities,

arising due to CoO and CoAl2O4 and thus specifying a stronger metal support
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Figure 3.10: XPS spectrum of Al2O3 supported cobalt catalysts synthesized by IWI

and CS method

interaction. The Co3O4 is the most dominant cobalt surface phase for weak metal

support interaction and for strong metal support interaction, CoO and CoAl2O4

are the most dominant cobalt surface phase. Moreover, the reducibility of the

synthesized catalysts decrease with the increased concentrations of CoO and

CoAl2O4. Table 3.5 summarizes the binding energy of the cobalt oxides and

the ratio of the intensities of the Co3O4 and the satellite peak. Combustion

synthesized catalysts reveal reduced metal support interaction compared to IWI

catalysts. Furthermore, the catalysts synthesized with equivalence ratio of 1.2

and 1.5 indicate additionally reduced formation of cobalt aluminates. This is

evident from the higher degree of reduction of the CS catalysts in comparison

to IWI catalysts. The measure of the cobalt dispersion is obtained from the Al

and Co peak intensity ratios. Increasing intensity ratios indicate higher cobalt
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Figure 3.11: XPS spectrum of Al2O3 supported cobalt catalysts synthesized by CS
method with equivalence ratio of 1.2 and 1.5

dispersion, revealing lower metal agglomeration. As seen in Table 3.5, a highest

dispersion is obtained for CS catalysts synthesized with equivalence ratio of 1.5.

The percentage metal dispersion obtained from H2 TPR-TPD experiments agrees

with the value obtained from XPS analysis for this catalyst, evidencing the lowest

metal support interaction for CS catalysts synthesized under fuel rich conditions

with ER equal to 1.5. The metal dispersion, as observed from XPS spectral

analysis, decreases in the following order, Co-Al2O3 -CS (φ = 1.5) > Co-Al2O3

-CS (φ = 1.2) > Co-Al2O3 -CS (φ = 1.0) > Co-Al2O3 -IWI, further signifying

that the combustion synthesized catalysts result in higher degree of reduction,

higher metal dispersion and consequently, larger number of active metal sites for

the FT reaction.
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Table 3.5: XPS summary

Catalyst B.E. Co-2p3/2 spin-orbital splitting ICo2p3/2/Isat ICo/IAl

(eV) (eV)

Al2O3 - IWI 780.4 15.2 0.7 0.2

Al2O3 - CS (φ=1.0) 779.9 15.2 0.9 1.1

Al2O3 - CS (φ=1.2) 779.9 15.2 1.1 1.2

Al2O3 - CS (φ=1.5) 780.0 15.1 1.2 1.8

Co3O4-std 779.9 15.0 1.8 -

3.2 Fischer Tropsch reaction

The effect of synthesized catalysts on the FT reactions is shown in Fig 3.12,

where the activity and selectivity measurements were averaged over a duration of

160 hours of operation. Fig 3.13 shows the variation of FT activity measured as

as the rate of CO consumption per unit mass of catalyst. Combustion synthesized

catalysts greatly enhance the FT activity and hydrocarbon selectivity, resulting

in higher CO conversion and C5+ selectivity compared to IWI catalysts. Highest

CO conversion is recorded for catalysts synthesized with equivalence ratio of

1.2. A two fold increase in the CO conversion is seen for CS(φ=1.2) catalysts

as compared to IWI catalysts. However, only a marginal variation in recorded

in the C5+ and CH4 selectivity for the four catalysts. The selectivity for C2-

C5 hydrocarbons is higher for CS catalysts synthesized with ER of 1.2 and 1.5.

The increased performance of CS catalysts is attributed to its reduced cobalt

crystallite size, increased degree of reduction and higher metal dispersion.

More importantly, the higher fraction of active sites over the CS catalysts

are indicative of reduced fraction of cobalt aluminates that are inactive to the

FT reaction. The metal dispersion for IWI synthesized catalysts are 48% lower

than CS catalysts resulting in reduced active metal sites for syngas adsorption.

Varying the equivalence ratio from 1 to 1.5, reduced the cobalt crystallite size

10.5 nm to 6.6 nm and increased the metal dispersion from 10.9% to 13.2%.

Despite higher dispersion and reduction degree for CS(φ=1.5) catalysts, the CO

conversion and the FT activity were lower compared to CS(φ=1.2) catalysts.

The CO conversion rates reduced from 3.75 molCO/(gcat·s) for CS(φ=1.2) to

2.87 molCO/(gcat·s) for CS(φ=1.5) catalysts, indicating a 31% reduction with an
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Figure 3.12: CO conversion and selectivity for the synthesized Al2O3 supported cata-
lysts
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Figure 3.13: Measured FT reaction rate over IWI and CS catalysts
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increasing equivalence ratio. A possible reason that may explain such a reduction

in the FT activity is the accumulation of carbonic residues on the surface of the

CS(φ=1.5) catalysts. Subsequently, the residual surface carbon species increase

the resistance to syngas diffusion by blocking the support pores and reducing

the overall active surface area. This lowers the apparent CO conversion rates,

despite smaller crystallite size and reduced metal dispersion. The variation in CO

conversion and the hydrocarbon selectivity with time on stream (TOS) is shown

in Fig 3.14 and Fig 3.15. The FT activity and selectivity were measured after a

stabilization period of 24 hours. The initial FT activity remained steady for a

duration of 60 hours. Thereafter, a reduction in the FT activity was observed for

CS(φ=1.2) and CS(φ=1.5) catalysts, though the CO conversions sustain at 61%

and 43% respectively. The IWI catalysts, display a wide range of stabilization

period with the CO conversion increasing from 23% to 34% over 160 hours of

operation. For CS(φ=1.5) catalysts, the CO conversions remain steady at 40%

over the entire span of operation.
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Figure 3.14: Variation in the FT activity for IWI and CS(φ=1.0) catalysts
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Figure 3.15: Variation in the FT activity for CS(φ=1.2) and CS(φ=1.5) catalysts

3.2.1 Product spectrum

The catalyst synthesis method has a considerable effect on the FT product

spectrum. Fig 3.16 and Fig 3.17 show the variation in the liquid hydrocarbons

(C10-C24) and heavier waxes (C24+). The hydrocarbon products with CS(φ=1)

catalysts predominantly yield heavier waxes compared to liquid hydrocarbons.

The magnitude of active sites deposited over the supported catalysts and the

degree of reduction are crucial factors that dictate the catalyst response for

FT reaction. The product distribution spectrum indicates that the hydrocarbon

chain growth probability is highest for CS(φ=1) catalyst, essentially due to the

increased metal dispersion and higher catalyst reducibility. However, despite the

increased reduction degree, reduced crystallite size and higher metal dispersion,

the formation of waxes with CS(φ=1.2) and CS(φ=1.5) catalysts is considerably

lower. A possible explanation for this is that the cobalt crystallite sizes for these

catalysts are considerably smaller for longer chain growth propagation, resulting

in the formation of middle distillates. Another possible reason can be attributed

to the presence of carbon on the catalyst surface for catalysts synthesized under
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fuel rich conditions. The carbon residues can alter the rate of syngas adsorp-

tion and the rate of re-adsorption of the products that can affect the extent of

secondary reactions or the chain growth probability. The C24+ weight fraction

for CS(φ=1.2) and CS(φ=1.5) catalysts are 69% and 77% lower than CS(φ=1)

catalysts. Further, the weight fraction hydrocarbons in the range of C6-C24 are

almost negligible (0.01 wt.%) for CS(φ=1) catalysts. Fig 3.18, shows the collected

wax and middle-distillates with the CS(φ=1) catalysts.
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Figure 3.16: C10-C24 hydrocarbons weight fraction for the synthesized catalysts
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3.3 Summary

This chapter has presented the utilization of an effective method to de-

velop combustion synthesized cobalt catalysts for Fischer Tropsch reaction. The

properties of the combustion synthesized (CS) catalysts are compared with the

conventionally synthesized incipient wetness impregnation (IWI) catalysts. The

synthesis method described in this chapter can be used for any metal support

framework, with any metal loading and over support extrudes of varying size and

shapes (pellets, spheres, monoliths, powders). In this chapter combustion syn-

thesized supported cobalt catalysts were developed with metal loading of 20%,

deposited over Al2O3 shperes, without affecting the structural integrity of the

support material.

Hexamethylenetetramine (HMTA) was used as the fuel for the synthesis of

Co3O4 on alumina spheres and cobalt nitrate hexahydrate was used as the metal

precursor. Stoichiometry of the redox mixture was determined. The composition

of redox solution required for combustion synthesis of cobalt oxide was derived

from the oxidizing and reducing valencies of oxidizer and fuel. The reducing

species included C, H and Co with valencies of +4, +1 and +2 respectively, and

the oxidizing specie included O2 with a valency of -2. To obtain maximum re-

action temperature, the stoichiometry is selected such that the equivalence ratio

(ER) is unity (φe=1). An insight into the nature of redox complex, indicated the

coordination of HMTA to the cobalt ion. The FTIR spectra of the redox mixture

revealed that HMTA, which is a tetradentate ligand, complexes with metal ions

and acts as a combustion precursor for the complex metal ions. Simultaneously,

catalysts were synthesized under fuel rich conditions with ER = 1.2 and ER

= 1.5. The fuel rich synthesis conditions were adapted to obtain catalysts with

cobalt catalysts in zero valent state rather than its oxide state. For ER > 1.5,

powdering of catalysts were observed.

XRD analysis of the synthesized catalysts showed the presence of Co3O4 as

the dominant phase. This was true even for catalysts synthesized with equivalence

ratio of 1.2 and 1.5. Strikingly, the CS catalysts had reduced Co3O4 crystallite

size that decreased in the following order : IWI > CS(φ=1) > CS(φ=1.2) >

CS(φ=1.5). The H2 chemisorption experiments evidenced higher reduction tem-

peratures for the CS catalysts compared to IWI catalysts. A comparison of the

TPR profiles of the synthesized catalysts with the Co-Al2O3 standards in the

78



literature showed the presence of surface or subsurface Co2+ ions in the Co2+-

Al3+ spinel structure, which continue to get reduced at temperatures above 1000

K. However, it is evident from the literature that, the irreducible cobalt species

occur in cobalt-alumina framework which occur in a stable form at low synthesis

temperatures. The degree of cobalt reduction and the metal dispersion increase

in the following order IWI < CS(φ=1) < CS(φ=1.2) < CS(φ=1.5)

The FT activity of the synthesized catalysts showed highest activity for CS

catalysts. Moreover, for CS(φ=1) catalysts, the FT product spectrum revealed a

maximum weight fraction of wax hydrocarbons (C24+), indicating higher degree

of surface polymerization for this catalyst. Though highest syngas conversion

was achieved for CS(φ=1.2) catalyst, the formation of waxes reduced with the

increasing ER. The reduced degree of surface polymerization for these catalysts

could be attributed to the reduced formation of cobalt crystallites which do not

favour the formation of longer chain hydrocarbons and also to the presence of

surface carbon species which hinder the secondary reaction rates.
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Chapter 4

Silica-doped-alumina supported

cobalt catalysts : Influence of

support on FT reaction

In the earlier chapter it was observed that for alumina supported cobalt catalysts

the formation of cobalt-alumina compounds, notably cobalt aluminates, resulted

in the strong metal support interaction which reduce the degree of reduction to

metallic cobalt. The reduced reduction degree decreases the FT activity. In this

chapter, catalysts are synthesised on silica-doped-alumina supports. The effect

of metal support interaction and its consequent effect on the FT activity and

hydrocarbon selectivity are investigated.

4.1 Earlier literature

Several catalyst supports like Al2, SiO2, TiO2 and carbon nanotubes have

been investigated in the literature for its effect on FT activity. Though the pri-

mary purpose of a catalyst support is to increase the total active surface area

available for the adsorbing reactants, the dispersed metal usually display varied

degree of affinity for the support. γ-Al2O3 have been used exclusively for dis-

persing FT active metals. Jacobs et al. [2002] in their work reported that though

γ-Al2O3 supported cobalt catalysts are more difficult to reduce compared to

SiO2 or TiO2 supported Co catalysts, the availability of active surface sites is

much higher for Al2O3 supported catalysts, particularly due to the stabilization

of small cobalt cluster size.

More recently, several researchers have investigated the properties of FT
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active metals supported over silica-doped-alumina (SDA). The catalysts charac-

terized by Jean-Marie et al. [2009] revealed that the addition of 5 wt.% SiO2

in Al2O3 increases the degree of cobalt reduction by decreasing the formation

of hardly reducible cobalt aluminate species. Reportedly, the CO conversion in-

creased from 22% for Al2O3 supported cobalt catalysts to 26% for SDA supported

cobalt catalysts. Keyvanloo et al. [2014] synthesized SDA supported Fe catalysts

that resulted in high FT activity and excellent stability for FT synthesis. It

was shown that addition of silica to Al2O3, enhances the thermal stability by

suppressing the phase transformation of γ-Al2O3 to α-Al2O3, further enabling

effective dehydroxylation of the Al2O3 surface at high temperatures. A major

advantage of removing the hydroxyl groups is the reduction in the acidic sites

and a consequential reduction of cracking of higher hydrocarbons to lighter hy-

drocarbons.

Daniell et al. [2000] investigated the variation in the surface acidity with the

addition of SiO2 to Al2O3 supports through the FTIR spectroscopy of adsorbed

CO probed molecules. The surface acidity was investigated initially for pure γ-

Al2O3 and then for silica doped alumina, with the silica concentration varying

from 1.5 to 90 wt.%. The progressive addition of SiO2 to Al2O3 resulted initially

in the formation of mixed aluminosilicate phase consisting of both lewis and

bronsted acidic sites. Addition of 30 wt.% SiO2 resulted in the Al2O3 particles’

encapsulation by SiO2, indicating a silica enriched surface containing only phases

of SiO2 and aluminosilicates. With 40 wt.% SiO2 doping in Al2O3, the fraction

of exposed aluminosilicate sites reaches a maximum. Any further addition of

SiO2 resulted in zero lewis acidity and bronsted acidity equal to that of silica

itself. Therefore, incorporation of SiO2 (upto 40 wt.%) into the Al2O3 supports

results in the formation of strong Lewis acid sites and a small quantity of highly

acidic bronsted acid sites. Lewis acid sites are formed through the isomorphous

substitution of tetrahedral Si4+ by Al3+ ions. The bronsted acid sites are similar

to the ones formed in zeolite supports.

The SDA supported cobalt catalysts are synthesized by IWI and CS method,

and the properties are compared Al2O3 supported cobalt catalysts. More impor-

tantly, the impact of support on the FT product spectrum is investigated and

presented in the following sections.
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4.2 Support characterization

The commercially obtained catalyst supports were characterized using

FTIR, XRD and XPS. To draw a correlation of the nature of metal support

interaction and the effect of support on the catalyst activity and selectivity, it is

crucial to obtain the chemical information of the oxide supports.

4.2.1 Fourier transform infrared spectroscopy

The FT-IR spectrum of the SDA support is shown in Fig 4.1. The spectrum

is typical of IR spectra of aluminosilicates. A sharp high intensity peak observed

at 1063 cm−1 is assigned to the intense asymmetric stretching vibrations of Al-

O-Al or Si-O-Si bonds Sharma et al. [2012]. The sharp band at 453.2 cm−1 is

due to the Si-O bending vibrations. A sharp band at about 560 cm−1 and a

comparably lower intensity band at 800 cm−1 are due to the Al-O-Si vibrations.

The FT-IR spectrum also shows the Al-O stretching vibrations at 915 cm−1

Gangwar et al. [2015]. Overall, the FT-IR spectrum of SDA supports indicated

an aluminosilicate type framework.
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Figure 4.1: FT-IR spectrum of the silica-doped-alumina support

The FT-IR spectrum of SDA support is compared with the standard SiO2
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(Alfa Aesar) and γAl2O3 (similar to the support used in chapter three) supports.

The FT-IR spectra of SiO2 standard, as shown in Fig 4.2 shows the usual peaks of

the SiO2 framework [Pereira et al., 2011]. The high intensity peak at 1084.5 cm−1,

with a shoulder at 1225 cm−1 corresponds to the Si-O-Si asymmetric stretching.

The low intensity band at 804 cm−1 is due to the Si-O-Si symmetric stretching,

and the sharp band at 463 cm−1 corresponds to the Si-O-Si bending vibrations.

Similarly, the FT-IR spectra for the alumina support, used in chapter three and

shown in Fig 4.3, distinctly indicates γ-Al2O3 structure. The adsorption band

at 825.62 cm−1 and 555 cm−1 are attributed to the Al-O-Al bending more and

to Al-O stretching mode respectively [Gangwar et al., 2015]. The band at 1691

cm−1 corresponds to the H-O-H angle bending vibration band of weakly bound

molecular water. A comparison the FT-IR spectra of the SDA supports with the

SiO2 and Al2O3 supports strongly indicates aluminosilicate type framework for

the SDA supports.
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Figure 4.2: FT-IR spectrum of the SiO2 support

4.2.2 X-ray diffraction

The x-ray diffraction spectrum of SDA support is shown in Fig 4.4, with a

comparison to the Al2O3 and SiO2 supports. The XRD spectrum of the Al2O3
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Figure 4.3: FT-IR spectrum of the Al2O3 support

support shows the gamma phase of alumina, with distinct 2-theta diffraction

peaks observed at 66.9◦, 60.61◦, 45.7◦ and 36.8◦ [Gutiérrez et al., 2001]. The SiO2

catalyst support, shows a broad diffraction peak 22.2◦, indicating the amorphous

nature of the SiO2 supports. The diffraction pattern for SDA support is almost

a combination of the XRD spectra of γ-Al2O3 and SiO2. Despite the amorphous

nature of SiO2, the γ-Al2O3 shows crystalline nature in the SDA supports. Pub-

lished data in the literature report higher concentrations of bronsted acid sites

on amorphous SDA materials compared to crystallite SDA supports Mardkhe

et al. [2014], though the total acidity greatly varies with the concentration of

SiO2 doped into the Al2O3 structure.

4.2.3 X-ray photoelectron spectroscopy

The deconvoluted XPS spectra of the Al2p, Si2p and O1s core level peaks

for the SDA support are shown in Fig 4.5. The binding energy values of the

Al2p (74.3 eV) and Si2p (102.5 eV) correspond to their oxide state. The surface

concentration of SiO2 is determined using Eqn.4.1, as described by Powell and

Larson [1978]. The terms Xi, Ii, σi, λi and DE(i) are the surface concentration,
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Figure 4.4: Comparison of XRD spectrum of SDA supports with the Al2O3 and SiO2

spectra

intensity, photoionization cross-section, mean escape depth and geometric factors

respectively.

XSi

XAl

=
ISi · σAl · λAl ·DE(Al)

IAl · σSi · λSi ·DE(Si)
(4.1)

The photoionization cross-section and mean escape depth values were ob-

tained from Scofield [1976] and Penn [1976], respectively, for 1486.6 eV X-ray

beam. The relative surface concentration of SiO2 for the SDA support was 45

wt%, which is higher than the reported surface concentration of 40 wt%.
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Figure 4.5: XPS spectra of the silica-doped-alumina support

4.3 Catalyst synthesis and characterization

The catalysts were developed using the combustion synthesis procedure and

the incipient wetness impregnation method, as described in chapter 3. The CS

catalysts were synthesized using hexamethylenetetramine as the fuel. The reac-

tion stoichiometry was selected such that the metal nitrate to fuel molar ratio

is 3.86, maintaining the equivalence ratio of one. To maintain the structural in-

tegrity of the synthesized catalysts (preventing powdering of the catalysts), the

CS catalysts were synthesized in multiple steps that involved sequential impreg-

nation and calcination. However, IWI catalysts were synthesized in a single step.

4.3.1 H2 temperature programmed reduction - desorption

The reduction temperatures of the SDA supported catalysts were obtained

using H2 temperature programmed reduction. Fig 4.6 shows the TPR profiles of

the SDA supported catalysts, and are compared with the TPR profiles of the
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Al2O3 supported IWI and CS catalysts. The SDA supported cobalt catalysts

reduce over wide temperature ranges. For the SDA-IWI catalysts the reduction

temperatures extend upto 1080 K. Whereas the Al2O3 -IWI catalyst, the H2

consumption peaks are limited to 950 K. However, for CS catalysts, the reduc-

tion temperatures extend to 1200 K. As reported earlier, the varying reduction

temperatures are due to the different phases of cobalt oxides present on the sup-

ported catalyst (see Section 3.1.2). Three distinct reduction temperature ranges

are observed. The first H2 consumption peak at T1 = 550 K, corresponds to

the reduction of Co3O4 to CoO. A broad hydrogen consumption plateau is ob-

served starting from 610 K (T2) to 910 K (T3). This wide reduction regime is

attributed to the reduction of Co3+ ions in Co3AlO6 crystallites and also due to

the reduction of surface or subsurface Co2+ ions in the Co2+-Al3+ spinel frame-

work. Normally, the Al2O3 supported IWI catalysts do not display reduction of

cobalt-alumina compounds at these temperature. The doping of silica into the

alumina reduces the formation of aluminates, resulting in the formation of rela-

tively weakly bound cobalt-support species which are easily reduced below 1200

K. Similar observations were reported by Jean-Marie et al. [2009] for 5 wt.%

SiO2 doping of Al2O3. For SDA-CS catalysts, only marginal H2 consumption

observed in the temperature range of 600 - 700 K, unlike SDA-IWI catalysts,

indicating the absence of the corresponding cobalt surface species. Similar obser-

vation is recorded for Al2O3 -CS catalysts. However, the CS catalysts show H2

consumption upto 1200 K, implying continued reduction of the cobalt alumina

spinel structures.

The degree of cobalt reduction obtained from the H2 TPR curves and the

average metal dispersion evaluated from the H2-TPD curves are tabulated in

Table 4.1. As seen from the table, the degree of reduction for IWI synthesized,

silica doped alumina catalysts is higher than Al2O3 supported catalysts by 27%.

The higher degree of reduction for SDA supported cobalt catalysts is due to the

reduced formation of cobalt aluminates. Alteration of the Al2O3 support surface

by the addition of SiO2 results in the formation of alumino-silicates that impede

the formation of barely reducible cobalt aluminates. It is evident from Table 4.1

that the total fraction of active Co0 sites increases to 12.1% for IWI-SDA sup-

ported catalysts from 8.1% for Al2O3 -IWI catalysts, indicating a 41% increase in

the metal dispersion. In case of SDA supported catalysts, the dispersion increases
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Figure 4.6: TPR spectra of the SDA supported cobalt catalysts

from 12.1% for IWI catalysts to 16.1% for CS catalysts and, for Al2O3 supported

catalysts, the dispersion increases from 8.6% for IWI catalysts to 10.9% for CS

catalysts. These results evidence higher fraction of active Co0 over combustion

synthesized catalysts. Combustion synthesized Co/SiO2 catalysts reported by

Shi et al. [2011], showed increased reduction temperatures with the degree of re-

duction of 89% and an improved metal dispersion of 16.6% compared to a degree

of reduction of 82% and metal dispersion of 3.1% for IWI synthesized catalysts.

4.3.2 NH3 temperature programmed desorption

The NH3-TPD curves for the SA and Al2O3 supports are shown in Fig 4.7.

For SDA support, the NH3 TPD curves contain two peaks that can be categorized

as low-temperature desorption peak (< 700 K) and high-temperature desorption

peak (> 700 K). The peaks in the high temperature region are attributed to

the desorption of NH3 from strong Bronsted and Lewis acid sites. The peak in

the low temperature region (485 K) is either due to the presence of weak Lewis
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Table 4.1: TPR-TPD summary of SDA supported cobalt catalysts and compared to
Al2O3 supported cobalt catalysts

Catalyst Reduction temperatures DOR D

T1 (K) T2 (K) T3 (K) (%)a (%)b

Co/SDA - IWI 550 610 910 81 12.1

Co/SDA - CS 557 - 986 92 16.1

Co/Al2O3 - IWI 484 586 800 63.8 8.6

Co/Al2O3 - CS 480 554 915 ; 1140 68.7 10.9

afrom TPR H2 uptake; bfrom H2 TPD of reduced catalysts

acid or due to the desorption from weakly acidic silanol group [Lónyi and Valyon,

2001]. From Fig 4.7, it is clear that the γ-Al2O3 supports do no possess the strong

acid sites, that are evident on the SDA support surface. Addition of silica to the

alumina support increases the surface acidity. Fig 4.8 shows the NH3 TPD profile

for the synthesized catalysts. Higher surface acidity is observed for CS catalysts

compared to IWI catalysts. Anyhow, the alumina supported cobalt catalysts

display lower surface acidity compared to SDA supported cobalt catalysts. Table

4.2 gives the magnitude of acid sites expressed as mmol NH3/gcat . As seen in

the table, the SDA supported catalysts exhibit higher surface acidity compared

to the Al2O3 supported catalysts.

Table 4.2: Surface acidity measured by NH3-TPD

Sample Acid strength (mmol/gcat)

SDA 0.711

Al2O3 0.371

SDA - IWI 1.080

SDA - CS 1.230

Al2O3 - IWI 0.576

Al2O3 - CS 0.727
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Figure 4.7: NH3-TPD of SDA and Al2O3 support
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Figure 4.8: NH3-TPD of IWI and CS catalysts
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4.3.3 X-ray diffraction

The XRD spectra of calcined and reduced SDA supported cobalt catalysts

are shown in Fig 4.9. As expected, the XRD spectrum of IWI and CS calcined

catalysts showed distinct peaks for Co3O4 . For the calcined catalysts, the 2-

theta peaks occurred at 31.2◦, 36.94◦, 44.86◦, 55.72◦, 59.36◦ and 65.24◦, which

are consistent with the diffraction pattern for Co3O4 . While comparing with

the XRD spectra of the Al2O3 supported cobalt catalysts (see Fig 3.7 and Fig

3.8), the 2-theta peaks for γ-Al2O3 observed at 32.9◦, 38.6◦ and 66.9◦ still exist

in the SDA supported catalysts. Daniell et al. [2000] in their work reported a

silica encapsulation of Al2O3 for silica doping in the range of 30 - 60%. From the

XRD results of the SDA supported cobalt catalysts, it is evident that minimum

fractions of γ-Al2O3 phase still remain exposed on the catalyst surface. The

XRD spectra of the catalysts reduced with H2, at the reduction temperature,

show sharp 2-θ peaks at 44.1◦ and 51.5◦, which correspond to the diffraction

spectrum for metallic cobalt.
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Figure 4.9: XRD spectra of the silica-doped-alumina support

The crystallite size of the calcined catalysts calculated using Eqn.2.5 are
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listed in Table 4.3, along with the crystallite size of the reduced catalysts. The

Co3O4 crystallite size for SDA supported catalysts decreases by a margin of 31%

for CS catalysts (14.1 nm), compared to IWI catalysts (10.7 nm). The Co3O4

crystallite size for Al2O3 supported catalysts are comparable to SDA supported

catalysts. Markedly, the crystallite size of the reduced cobalt crystals are larger

than the calcined catalysts. The elevated reduction temperatures (800 - 1200

K) are bound to cause considerable sintering of the cobalt crystals, resulting

in increased crystallite size. A 70 - 80% increase in the cobalt crystallite size

is observed for the reduced cobalt catalysts. Similar observation is recorded for

Al2O3 supported catalysts.

Table 4.3: Crystallite sizes of the SDA and Al2O3 supported catalysts

Catalyst dCo3O4 (nm) a dCo (nm) b

SDA - IWI 14.1 26

SDA - CS 10.7 18.2

Al2O3 - IWI 15.0 22

Al2O3 - CS 10.5 17.6

afrom XRD of calcined catalysts

bfrom XRD of reduced catalysts

4.3.4 X-ray photoelectron spectroscopy

Supporting the XRD results, the XPS spectra of the SDA supported Co

catalysts reveal Co3O4 as the dominating cobalt oxide phase on the catalyst

surface. Fig 4.10 shows the deconvoluted XPS spectra of the SDA supported

catalysts, Similar to the Al2O3 supported cobalt catalysts, the peak at 779.9

eV for the SDA-IWI catalyst is assigned to the Co3+ oxidation state and the

peak at 781.8 eV is assigned to the Co+2 oxidation state. The satellite peaks

for the 2p3/2 orbital is observed at 787.6 eV. For the SDA-CS catalysts, the

binding energy associated with the Co3+ oxidation state is observed at 779.7 eV,

implying that the electron density of surface Co3+ is higher than that of IWI
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catalysts and therefore signifying a weaker metal support interaction in the case

of CS catalysts.
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Figure 4.10: XPS spectra of the SDA supported cobalt catalysts

The binding energy of Co3+ in the 2p-3/2 orbital and the spin orbital split-

ting are tabulated in Table 4.4. As reported earlier, the ratio of the intensities

of Co-2p3/2 peak at 779.9 eV to the intensity of the shake-up satellite peak pro-

vides the relative formation of CoAl2O4 in the synthesized catalysts (see section

3.1.4). From Table 4.4, it is evident that the silica doping in the Al2O3 dras-

tically reduces the formation of cobalt aluminates. Moreover, the CS catalysts

too revealed decreased production of cobalt aluminates, indicating lower metal

support interaction. The measure of the cobalt dispersion, evaluated from the

Al and Co peak intensity ratios, indicate a higher cobalt dispersion for the SDA

supported catalysts compared to Al2O3 supported catalysts. As seen in Table

4.4, the SDA supported cobalt catalysts synthesized by the combustion method,

exhibit highest metal dispersion. The percentage metal dispersion obtained from

the H2 TPR-TPD experiments support the values obtained from XPS spectrum

analysis. The metal dispersion as observed from the XPS spectral analysis shows
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Table 4.4: XPS comparison for SDA and Al2O3 supported cobalt catalysts

Catalyst B.E. spin-orbital I-Co2p3/2/ ICo/IAl

Co-2p3/2 (eV) splitting (eV) I-shake-up

SDA-IWI 779.9 15.3 0.9 0.6

SDA-CS 779.7 15.2 1.1 1.6

Al2O3 -IWI 780.4 15.2 0.7 0.2

Al2O3 -CS 779.9 15.2 0.9 1.1

that D-Al2O3−IWI < D-Al2O3−CS and D-SDA−IWI < D-SDA−CS, further evidencing

that the combustion synthesized catalysts result in higher degree of reduction,

higher metal dispersion and consequently, larger number of active metal sites for

the FT reaction. Additionally, the SDA supports display higher metal disper-

sion compared to alumina supported catalysts, signifying reduced metal support

interaction for SDA supported catalyst.

4.4 FT activity

Fig 4.11 shows the FT activity and the hydrocarbon selectivity of the SDA

supported cobalt catalysts compared to the Al2O3 supported catalysts. The ac-

tivity and selectivity are measured at 503 K, 3 MPa, and a space velocity of

1730 ml/(h·gcat). The enhanced properties of the CS catalysts improve the CO

conversions, which has been already evidenced by Al2O3 supported catalysts

(see section 3.2). The CO conversion for SDA-CS catalysts increased to 51.2%

from 37.9% as seen for SDA-IWI catalysts. A similar trend is observed for Al2O3

supported catalysts with 28% increase in CO conversion observed for CS cata-

lysts. The C5+ selectivity increases by 5.6% for Al2O3 -CS catalysts, but only

a marginal increase of 0.7% is seen for SDA-CS catalysts. The FT activity of

IWI and CS catalysts measured as the rate of CO consumption per unit mass of

catalysts is shown in Fig 4.12. Again, the increased performance of CS catalysts

is attributed to its reduced cobalt crystallite size, increased degree of reduction

and higher metal dispersion. A 2% increase in the CH4 selectivity is observed

for SDA-CS catalyst compared to SDA-IWI catalyst while the CH4 selectivity

remained steady at 10% for Al2O3 -CS and Al2O3 -IWI catalysts. As seen in
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Fig 4.11, the SDA supported cobalt catalyst displays higher selectivity for C2-C5

hydrocarbon fraction as compared to the Al2O3 supported cobalt catalyst. The

C2-C5 selectivity for SDA-IWI and SDA-CS catalyst is 3.1 and 2.7 times higher

than Al2O3 -IWI and Al2O3 -CS catalysts. The higher selectivity of C2-C5 hydro-

carbons could be due to the existence of aluminosilicate structure occurring in the

supports, giving it a zeolite-like behaviour. A similar observation was reported

by Fraenkel and Gates [1980]. The higher C2-C5 selectivity for SDA supported

catalysts results in lower C5+ selectivity, compared to Al2O3 supported catalysts.
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Figure 4.11: CO conversion and hydrocarbon selectivity for SDA and Al2O3 supported
catalysts

[Measured at 503 K, 3 MPa and WHSV = 1730 ml/(h·gcat)]

The stability of the synthesized catalysts is evaluated by observing the ac-

tivity and selectivity changes during the experimental run for a duration of 160

hours. Fig 4.13 and Fig 4.14 shows the variation in CO conversion and hydro-

carbon selectivity as a function of time on stream. In case of SDA supported

catalysts synthesized by IWI and CS, the CO conversion, and HC selectivity

remain steady for a duration of 160 hours, indicating no possible catalyst deac-

tivation. In case of Al2O3 supported catalysts synthesized by IWI method (also

shown in the previous chapter), the CO conversion increases from 23% to 34%

over 160 hours of operation.
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Figure 4.12: FT activity measured for SDA and Al2O3 supported catalysts

[Measured at 503 K, 3 MPa and WHSV = 1730 ml/(h·gcat)]

4.4.1 Product spectrum

In the previous chapter, it was observed that the product spectrum is ex-

ceedingly affected by the synthesis procedure. The hydrocarbon product analysis

for SDA supported catalysts show that the nature of FT products is not only

not only a function of the synthesis procedure but also depends on the support

material used. Fig 4.15 and Fig 4.16 show the weight fraction distribution of the

liquid hydrocarbon products and waxes. The liquid hydrocarbon products consist

of hydrocarbons ranging from C10 to C24, while the wax hydrocarbons comprise

of hydrocarbons of mainly C24+. Above all, the hydrocarbons are mostly, straight

chain paraffins. For SDA supported catalysts, the C24+ weight fraction increases

from 0.01 wt.% for combustion synthesized catalysts to 0.6 wt.% for IWI cata-

lysts. For Al2O3 supported catalysts, the C24+ weight fraction increases from 0.67

wt.% to 0.8 wt.%. The hydrocarbons synthesized over Al2O3 supported cobalt

catalysts resulted in the formation of heavier waxes than middle distillates as

compared to catalysts synthesized over SDA supports. The HC product spec-

trum for Al2O3 -CS catalysts show 0.8 wt.% C24+ compared to 0.6 wt.% C24+

for SDA-CS catalysts. The 33% higher weight fraction of C24+ hydrocarbons for

Al2O3 supported cobalt catalysts is due to the total number of acidic sites present
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Figure 4.13: Variation in the CO conversion and HC selectivity with time on stream,
for SDA supported CO catalysts

[Process conditions : T = 503 K, P = 3 MPa and WHSV = 1730 ml/(h·gcat)]

in the SDA supports. The addition of silica to alumina results in the formation

of stronger Bronsted acid sites, through bridged hydroxyl group formation across

aluminium and silicon atoms. Lower surface acidity results in FT product spec-

trum consisting primarily of lighter and more branched hydrocarbons [Di et al.,

2013]. The NH3-TPD of SDA supports, as seen in Table 4.2, shows surface acid-

ity of 0.7 mmol NH3/gcat compared to 0.4 mmol NH3/gcat for Al2O3 supported

catalysts, additionally supporting the effect of surface acidity on the FT product

spectrum. As already mentioned in the earlier section, the C2-C5 selectivity for

SDA-IWI and SDA-CS catalyst is observed to be nearly 2.4 times greater than

the Al2O3 supported catalysts. A detailed analysis of the GC-MS spectrum of

the FT products reveal the variation in the hydrocarbon weight fraction for the

SDA and Al2O3 supported catalysts.

Fig 4.17 shows the variation in the C5+ yield for CS catalysts with varying

space velocities. A decrease in the space velocity from 2610 ml/(h·gcat) to 873.3

ml/(h·gcat) results in the increase of yield from 0.28 g-C5+/g-syngas to 0.52 g-

C5+/g-syngas, indicating 86% increase in the product yield. However, negligible

98



0
2 0
4 0
6 0
8 0

1 0 0

0 2 0 4 0 6 0 8 0 1 0 0 1 2 0 1 4 0 1 6 00
2 0
4 0
6 0
8 0

1 0 0

CO
 co

nv
ers

ion
 an

d s
ele

cti
vit

y (
%)

 C O  c o n v e r s i o n
 C H 4  s e l e c t i v i t y
 C 2  -  C 5  s e l e c t i v i t y
 C 5 +  s e l e c t i v i t y
 C O 2  s e l e c t i v i t y

I W I

 

C S  -  p h i - 1 . 0

T O S  ( h )

Figure 4.14: Variation in the CO conversion and HC selectivity with time on stream,
for Al2O3 supported CO catalysts

[Process conditions : T = 503 K, P = 3 MPa and WHSV = 1730 ml/(h·gcat)]

change in the hydrocarbon product spectrum is observed by changing the reactor

bed residence time. 84% increase in the product yield is observed for Al2O3

supported CS catalysts by decreasing the space velocity from 2610 ml/(h·gcat) to

873.3 ml/(h·gcat). Above all, a reduction in the space velocity, i.e., an increase in

the bed residence time from 6 s to 18 s gradually shifts the product spectrum from

waxes to the liquid hydrocarbon as shown in Fig 4.18. A possible reason for this

could be attributed to the decrease in the superficial velocity that prevents the

external mass transfer of waxes formed on the catalyst surface. Higher superficial

velocity would favour external mass transfer that increases proportionally with

the half order of the flow rate around the catalyst spheres [Yang et al., 2010].

Moreover, a higher superficial velocity is preferred for the fixed bed FT reaction

to remove the water produced during the FT process - presence of water promotes

the sintering of catalyst particles [Rafiq et al., 2011].
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Figure 4.15: Weight fraction of the C10-C24 hydrocarbons for SDA and Al2O3 supported
cobalt catalysts

[Process conditions : T = 503 K, P = 3 MPa and WHSV = 1730 ml/(h·gcat)]
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4.5 Summary

This chapter has identified the role of supports in the Fischer Tropsch re-

action. From the catalyst properties point of view, the incorporation of SiO2 in

the Al2O3 support framework results in the formation of higher concentration of

Lewis acid sites and also formation of small fractions of highly acidic Bronsted

acid sites. The total surface acidity as measured by the NH3-TPD experiments,

reveal nearly 90% increase acid strength of the SDA supports. The Lewis acid

sites are formed by the isomorphous substitution of tetrahedral Si4+ by Al3+ ions.

Further, the XRD and XPS study of the SDA support reveal surface encapsu-

lation of Al2O3 by SiO2 atoms with a silica doping of 30 wt.%. Incorporation

of silica into the alumina support, drastically reduces the formation of cobalt

aluminates, resulting in lower metal support interaction as compared to cobalt

deposited in Al2O3 supports. Consequently, the degree of cobalt reduction of 92%

is observed for SDA-CS catalysts, while the reduction degree is merely 68.7% for

Al2O3 -CS catalysts. Simultaneously, the metal dispersion, measured by the H2-

TPD experiments increase by a margin of 48% for SDA-CS catalysts compared

to Al2O3 -CS catalysts. The higher degree of reduction and enhanced metal dis-

persion for SDA supported catalysts is additionally substantiated by the XPS

analysis.

The SDA supported cobalt catalysts show higher FT activity and selec-

tivity compared to Al2O3 supported catalysts synthesized by IWI method. The

CO conversions and C5+ selectivity are further enhanced for SDA supported

cobalt catalysts synthesized by solution combustion method. Alumina supported

catalysts, due to its higher surface basicity compared to SDA catalysts, largely

resulted in the formation of waxes (C24+), while hydrocarbons ranging from C10-

C20 formed as the primary product for SDA supported catalysts. Furthermore,

the improved performance of CS catalysts is attributed to higher degree of re-

duction, enhanced metal dispersion, and reduced metal support interaction.
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Chapter 5

Summarizing catalyst properties

and overall hydrocarbon yield

Besides the synthesis of CS catalysts with high metal loading (∼ 20 wt.%), the

CS catalysts resulted in enhanced catalyst properties, ideal for FT synthesis.

This chapter highlights the properties of the synthesized catalysts with respect

to their crystallite size, reduction degree, cobalt dispersion and the metal sup-

port interaction. Further, the overall FT activity, hydrocarbon selectivity and in

particular the hydrocarbon yield for the synthesized catalysts are discussed and

compared with the catalysts from the literature.

5.1 Catalyst properties

The designation for cobalt catalysts synthesized in this work are listed in

Table 5.1, and the variation in their properties are shown in Fig 5.2. The combus-

tion synthesized cobalt catalysts resulted in lower Co3O4 crystallite size ranging

from 6.6 nm - 10.7 nm. However, not much variation in the Co3O4 crystallite size

was observed for Al2O3 and SDA supported CS catalysts. It was observed that

elevated reduction temperatures (800 - 1200 K), resulted in considerable increase

in the Co crystallite size, ranging from 14.8 nm - 18.2 nm. Even then, the CS

catalysts displayed lower crystallite size compared to IWI catalysts. However, not

much variation in the Co3O4 crystallite size was observed for Al2O3 and SDA

supported CS catalysts.

Higher degree of reduction and cobalt dispersion are obtained for CS cat-

alysts compared to the IWI catalysts. The cobalt dispersion for CS catalysts is

in the range of 11 - 16% and the degree of reduction as high as 92%. The en-
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Table 5.1: Designation used for the synthesized catalysts

Designation Catalyst support Synthesis method

Al-I Al2O3 IWI
Al-C Al2O3 CS
Al-C-1.2 Al2O3 CS(φ=1.2)
Al-C-1.5 Al2O3 CS(φ=1.5)
SDA-I SDA IWI
SDA-C SDA CS
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Figure 5.1: Summarizing the crucial FT catalyst properties synthesized in this work

hanced degree of reduction and higher fraction of active Co0 sites are attributed

exclusively to the decreased formation of cobalt-alumina compounds (cobalt alu-

minates), additionally indicating a lower metal support interaction. Besides, the

maximum degree of cobalt reduction and the largest fraction of active cobalt sites

are attained for SDA-CS cobalt catalysts, which is attributed to the formation of

aluminosilicate that hinders the formation of cobalt aluminates, increasing the

degree of reduction to 92% and cobalt dispersion to 16.1%.
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5.2 Overall hydrocarbon yield comparison

This section compares the overall hydrocarbon yield for the catalysts syn-

thesized in this work. Overall, the combustion synthesized catalysts, owing to its

enhanced catalyst properties, showed higher FT activity and higher C5+ selec-

tivity compared to the IWI catalysts. For alumina supported catalysts, highest

syngas conversion was recorded for CS(φ=1.2) catalysts, for which a two fold

increase in the CO conversion was observed compared to Al2O3 -IWI catalysts.

Only a marginal variation in the C5+ selectivity was observed for the alumina

supported catalysts. For the SDA supported catalysts, the FT activity addition-

ally increased. A 24% increase in the CO conversion was observed for SDA-CS

catalysts compared to Al2O3 -CS catalysts. Strikingly, the C2-C5 hydrocarbon

mass fraction for SDA supported catalysts was almost 2.4 times higher than the

Al2O3 supported catalysts. The higher fraction of gas phase hydrocarbons for

SDA support was attributed to the existence of aluminosilicate structure, giving

it a zeolite like behaviour. Subsequently, a lower C5+ selectivity was recorded for

SDA supported catalysts.

However, the product spectrum varied not only with the catalyst synthesis

procedure but also with the choice of support. With CS catalysts, the product

spectrum predominantly yielded waxes. The spectrum shifted to middle distil-

lates for CS catalysts synthesized with higher equivalence ratio. Increased surface

acidity with SiO2 doping of Al2O3 resulted in relatively higher concentrations of

middle distillates. Fig 5.2 shows the C5+ hydrocarbon yield for the synthesized

catalysts. Clearly, the largest hydrocarbon yield is obtained for Al2O3 -CS-1.2

catalysts.

Fig 5.3 compares the FT activity and product yield for the catalysts synthe-

sized in this work and with the catalysts from other literature sources ([Visconti

et al., 2011], [Jean-Marie et al., 2009], [Lira et al., 2008], [Phienluphon et al.,

2014], [Shi et al., 2011], [Shi et al., 2012]), that employed alumina or silica doped

alumina supported cobalt catalysts. The SDA supported combustion synthesized

catalysts show highest C5+ yield corresponding to 0.31 g- C5+/g-cat , at a space

velocity of 2610 ml/(h·gcat). The CS SiO2 supported cobalt catalysts synthesized

by Shi et al. [2012] and Shi et al. [2011] reported C5+ yields with a space velocity

of 2477.6 ml/(h·gcat), that are 20% and 42% lower than yields reported in this

work. Moreover, in spite of lower CO conversion compared to that achieved with
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Figure 5.2: Comparison of the CO conversion and overall C5+ hydrocarbon yield

[Process conditions : P = 3 MPa; T = 503 K; WHSV = 1730 ml/(h·gcat)]

the Shi et al. [2012] and Shi et al. [2011] catalysts, the higher hydrocarbon yield

indicates higher site time yield for the CS-SDA cobalt catalysts.
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Figure 5.3: CO conversion and overall C5+ hydrocarbon yield comparison with catalysts
from other literature sources

5.3 Summary

This chapter has summarized the overall performance of the synthesized

catalysts in terms of the CO conversion and the hydrocarbon yield. Comparison

was made between the synthesized catalysts at reaction conditions of 503 K, 3

MPa and WHSV = 1790 ml/(h·gcat). Further, these catalysts were also compared

to the catalysts from the available literature. The combustion synthesized cobalt

catalysts supported over silica doped alumina spheres display highest hydrocar-

bon yield.
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Chapter 6

Conversion, product yield and

economics

6.1 Introduction

The quandary of fluctuating oil prices and, the deteriorating environmental

factors have sufficiently motivated us to exploit renewable energy sources. For

a country such as India, which imports nearly 75% of its crude oil, a primary

requisite emerges to investigate and establish indigenous facilities for producing

crude oil. It has been shown in chapter one, that the Fischer Tropsch process is

the only viable route, at present, to synthesize crude oil which can be further hy-

drocracked and upgraded to produce transportation fuels and chemicals. Syngas

obtained from biomass gasification unit can be used as a feed to the FT reactor

for generation of higher hydrocarbons. For a large scale implementation of any

new technology, it is naturally essential to evaluate its economic feasibility and,

above all, for a sustainable and sound operation of the BTL plant, a detailed as-

sessment of the financial returns is needed. The purpose of this work is to analyse

the economic feasibility of a BTL plant. The syngas generation unit includes a

steam-oxygen gasification unit coupled to a fixed-bed low temperature FT reac-

tor. The overall conversions, FT activity, selectivity and the hydrocarbon yield of

cobalt based catalysts, developed earlier, constitute the FT building block. The

techno-economic analysis is demonstrated for a 1000 kg/h fixed-bed, biomass

gasification system. The following sections associate the mass and energy flow

from a fully developed steam-oxy biomass gasifier to the FT reactor.
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6.2 Biomass gasification unit

Gasification is a two-stage reaction consisting of oxidation and reduction

processes. These processes occur under sub-stoichiometric conditions of air with

biomass. The first part of sub-stoichiometric oxidation leads to the loss of volatiles

from biomass and is exothermic; it results in peak temperatures of 1400 to 1500

K and generation of gaseous products like carbon monoxide, hydrogen in some

proportions and carbon dioxide and water vapour which in turn are reduced in

part to carbon monoxide and hydrogen by the hot bed of charcoal generated

during the process of gasification. Reduction reaction is an endothermic reaction

to generate combustible products like CO, H2 and CH4 as indicated below.

Among the biomass gasification technologies in the world, the open top, twin

air entry, re-burn gasifier developed at Combustion, Gasification and Propulsion

Laboratory (CGPL) of Indian Institute of Science (IISc) is unique in terms of

generating superior quality producer gas. There are more than 40 plants that are

successfully operating in India and overseas for heat and power applications. The

reactor is developed in a way to increase the residence time inside the reactor

and, by creating an elevated temperature in the char bed, thereby enhancing the

conversion efficiency and decreasing the tar fractions to negligible concentrations.

In this reactor configuration, air (gasifying medium) is extracted into the reaction

chamber from the top and from the side air nozzles and the product gasses exit

through the base of the reactor. For the steam-oxygen gasification operation, the

reactor openings (top and side air nozzles) are sealed and, the reactor bed is

injected with oxygen and steam at desired flow rates. Fig 6.1 shows the layout

of the oxy-steam biomass gasifier used in this study. Casurina wood chips are

used as a fuel for gasification. These wood chips are dried at 378 K to reduce the

moisture content below 1%. Table 6.1 lists the proximate and ultimate analysis

details of the biomass used.

Amongst the process conditions for oxy-steam biomass gasification, the

steam to biomass ratio (SBR) and equivalence ratio have a significant effect.

Fig 6.2 shows the variation of H2/CO ratio with varying SBR. Increasing SBR,

elevates the H2 concentration in the syngas and at the same time, the adiabatic

flame temperature reduces due to the endothermic nature of steam gasification

(see Eqn.1.3). As seen in the plot, and SBR must be in the range of 0.8 to

1.2, to achieve syngas with H2/CO in the ratio 2.1:1, which is an ideal case for
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Figure 6.1: Oxy-steam gasification layout

[A 10kg/h oxy-steam biomass gasification setup developed by Sandeep and Dasappa

[2014]]

cobalt based FT system. Simultaneously, the equivalence ratio (ER) affects the

bed temperature, and has to be selected appropriately in order to maintain the

H2/CO ratio. An adiabatic temperature of 1200 K is preferable for enhancing

the H2 concentration in the syngas and, therefore, an ER of 0.1 is maintained,

and SBR ranging from 0.8 to 1.2. The time variation of gas concentration under

these conditions, is shown in Fig 6.3. The exit syngas composition as shown in

the figure were recorded for a duration of six hours. The mass and energy bal-

ance for the techno-economic analysis consider these volumetric fractions of the

syngas for FT reaction.
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Table 6.1: Proximate and ultimate analysis of casurina wood chips

Proximate analysis Mass fraction

(%, dry basis)

Fixed carbon 18.38

Volatile matter 81.28

Ash content 0.34

Calorific value 17.95 MJ/kg

Ultimate analysis Mass fraction

(%, dry basis)

Carbon 52.02

Nitrogen 0.12

Sulphur 0.42

Hydrogen 6.55

Oxygen 41.43

Chemical composition CH1.4O0.6

Molecular weight 23 g/mol
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Figure 6.2: Effect of steam to biomass ratio on the H2/CO ratio in the syngas [Sandeep
and Dasappa, 2014]

[Desired operating range enclosed in red; SBR = 0.8 - 1.2 ]
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Figure 6.3: Variation in the syngas composition with time; SBR = 0.8, ER = 0.8

6.3 Process flows and, mass and energy balance

Table 6.2 gives the mass flow rate of the components involved in the biomass

gasification system. The gasifier is designed for 1000 kg/h biomass consumption

rate, utilizing steam and oxygen at a rate of 660 kg/h and 230 kg/h respec-

tively. The exit syngas flow rate is obtained at 1350 kg/h. The residual char and

condensed water are produced at 20 and 515.2 kg/h respectively. The exit gas

syngas comprises volume fraction of 47% H2, 22% CO, 27% CO2 and 4% CH4.

Considering the biomass calorific value of 17.9 MJ/kg, and the evolving syngas

calorific value of 10.6 MJ/kg, a 79% gasification efficiency is achieved.

The exit syngas is scrubbed of its CO2 with the help of a commercially

established Rectisol technology. Rectisol is a physical acid gas removal process

which uses an organic solvent (typically methanol) at subzero temperatures and

can purify synthesis gas down to 0.1 vppm total sulphur (including COS) and

CO2 to ppm range. Though sulphur concentrations are low in biomass derived

syngas, it is crucial to reduce the H2S and COS concentration to sub-ppm levels

to prevent any catalyst deactivation. CO2 is known to dissociatively adsorb on

the catalyst surface and is hydrogenated to form higher hydrocarbons. Yao et al.

[2012] demonstrated the effective hydrogenation of CO2 on the cobalt catalysts

leading to the formation of higher hydrocarbons. However, unlike CO hydrogena-

115



Table 6.2: Biomass gasification - mass & energy parameter

Input m∗ (kg/h)

Biomass 1000

Steam 660

Oxygen 230

Output m∗ (kg/h)

Syngas 1350

Char 20

Water 515.2

Syngas composition

XH2 0.47

XCO 0.22

XCO2 0.27

XCH4 0.04

MWsyngas 19.6 kg/kmol

ρsyngas 0.79 kg/m3

Ei−biomass 4.9 MW

Eo−syngas 3.9 MW

ηgasification 79.5%

Syngas composition after CO2 & CH4 removal

XH2 0.68

XCO 0.32

m∗FT−syngas 488.5 kg/h

tion, the CO2 reaction produces methane-rich short chain hydrocarbons. Hence

CO2, if introduced into the FT catalyst bed, acts as an effective reactant, dra-

matically affecting the reaction stoichiometry, varying the H2/CO consumption

ratio and consequently reducing the syngas conversion rates. The gas stream

from Rectisol system consists of syngas with 68.1 vol.% H2, and 31.9 vol.% CO.

The syngas is then compressed to 30 bar before making a single pass through

the FT reactor.

The FT unit is a single casing enclosed multi-tubular fixed bed reactor and

the catalyst bed is maintained at 503 K and at 3 MPa pressure. The reactor

tubes are packed with combustion synthesized 20wt.% Co/SDA catalysts. The

syngas conversion and product formation rates in the FT reaction section are

considered for varying space velocities - 2610 ml/h*gcat, 1730 ml/h*gcat, 1310
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ml/h*gcat, 873.3 ml/h*gcat. In each of the cases, the CO conversions, hydrocar-

bon selectivity and overall yield are considered from the lab-scale experiments

discussed in Chapter 5. Table 6.3 lists the FT reaction details. The packing den-

sity of catalyst is estimated to be 850 kg/m3 and the mass of catalyst used in the

FT reaction is calculated by dividing the volumetric syngas flow rate with the

WHSV. Based on the mass of the catalyst required for syngas conversion, the

reactor is volume is established. The reactor is designed similar to a commercial

fixed bed FT reactor, with a singe tube diameter of 0.05 m for a catalyst particle

size ranging from 1.5 to 2 mm [Jess and Kern, 2012]. The syncrude leaves the re-

actor in two separate streams. One stream is in liquid state, consisting primarily

of waxes (C24+), hot condensate (C12-C24), cold condensate(C5-C12) and aque-

ous product (reaction water, alcohols, carboxylic acids and dissolved paraffins

and olefins). The second stream is gas phase products consisting of unconverted

syngas and lighter gas phase hydrocarbons. As seen in Table 6.3 a great fraction

of input energy remains in the gas phase FT products. A choice predominantly

exists to further recycle this gas into the FT reactor or use it in an IC engine

for in-house power generation. The wax products are separated and directed to

a hydrocracker where they are converted into high quality liquid transportation

fuel. Fig 6.4 details the overall description of the BTL unit considered in this

study.
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Table 6.3: FT reaction - mass & energy variables; T = 503 K, P = 3 MPa

Parameter Case 1 Case 2 Case 3 Case 4

WHSV (ml/h*gcat) 2610 1730 1310 873.3

mcat (kg) 451.0 680.4 898.6 1347.9

Reactor volume (m3) 0.5 0.8 1.1 1.6

ξCO (%) 42.9 51.2 65.6 73.1

ξH2 (%) 54.7 61.4 66.1 80.6

SCH4 (wt.%) 14.6 13.9 12.8 11.4

SC2−C5 (wt.%) 8.6 7.9 6.9 5.3

SC5+ (wt.%) 75.7 75.6 77.92 78.8

SCO2 (wt.%) 1.10 2.49 2.39 4.58

m∗C5+ (kg/h) 136.8 161.2 215.0 239.4

m∗fuel−gas (kg/h) 351.7 327.3 273.5 249.2

Calorific Value Fuel−gas (MJ/kg) 27.2 28.3 31.3 32.7

FTliquid−fuel−output (MW) 1.5 1.8 2.4 2.7

FTfuel−gas−output (MW) 2.7 2.6 2.5 2.2

ηfuels (% of biomass) 30.6 36.0 48.0 53.5
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Figure 6.4: Process flow description of the 1000 kg/h biomass to liquid fuel plant, using
oxy-steam gasification and Fischer Tropsch synthesis
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6.4 Cost analysis

The mass and energy conservation analysis provided particulars related to

the maximum hydrocarbon produced for a 1000 kg/h oxy-steam biomass gasifier

via FT reaction, using the efficient Co/SDA catalyst developed and tested for

a lab-scale setup in Chapter 5. The cost analysis determines the effectiveness of

the investment cost with respect to the cost of the liquid-fuel product per unit

litre. The assumptions involved in the economic analysis are listed in Table 6.4.

All the cost analysis calculations are made using discount factor of 12%, and the

costs reported in this techno-economic analysis are considered for the baseline

year of 2014-2015. The cost of liquid fuel output (INR/litre, or alternatively

as Rs/l) is calculated based on the annualized life cycle (ALC) of the systems

involved. The ALC is evaluated by taking into account the annualized capital

cost, annual fuel cost and annualized current value of all the upcoming costs

that include, operation and maintenance cost, equipment replacement cost, and

electricity cost. The ALC of the liquid fuel is determined by dividing the ALC of

the system with the annual liquid product output from the BTL plant. Eqn.6.1

and Eqn.6.2 show the formula for the ALC calculations. Here, Ccap, Cop, Cm, Cele

are the annualized capital cost, annual operation cost, annual maintenance cost,

and the annual electricity cost respectively. CRF is the capital recovery factor,

d and n are the discount factor and the system life.

ALC =
(Ccap ∗ CRF ) + Cop + Cm + Cele

(m−∗liq /ρ−liq)
(6.1)

CRF =
d ∗ (1 + d)n

(1 + d)n − 1
(6.2)

The total operating cost, which is the expenses related to the total man-

power required for various plant activities, is Rs 1900/h. The annual maintenance

cost is 5% of the total capital cost. Electricity from the grid is obtained at Rs

6/kWh and the plant is operated for 7000 hours annually. The discount fac-

tor, which is required to evaluate the net present value of the various operating

sub-systems, is assumed to be 12%. The associated capital costs for each of the

components are specified in Table 6.5. All the costs are expressed in Indian ru-

pees (INR) and the capital cost were obtained from literature sources, equipment
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Table 6.4: Assumptions for economic analysis

Component Parameter

Grid electricity cost (Rs/KWh) 6

Discount factor (%) 12

Annual maintenance cost (Rs) 5% of capital cost

Total plant manpower 19

Per head manpower cost (Rs/h) 100

Daily operational hour (h) 24

Annual operation (days) 300

1 US $ = Rs (Indian Rupees) 67.15 (December 12, 2015)

vendor quotes, industry experts and from the estimates of earlier work [Maha-

patra and Dasappa, 2012] [Mahapatra et al., 2009]. A reduced WHSV requires

larger FT reactor and liquid fuel processing volumes. Simultaneously, increasing

reactor volumes result in elevated capital costs and higher energy requirements.

Consequently, the fraction of total capital cost for FT synthesis island increases

from 15% to 34% of the total capital cost by decreasing the WHSV from 2760

ml/(h*gcat) to 873.3 ml/(h*gcat). Fig 6.5 shows the increase in the fraction of the

overnight-capital cost required for the FT section with decreasing weight hourly

space velocity. For higher space velocities, the maximum capital cost is required

for installation of oxy-steam gasifier along with the gas cleaning and cooling

components. The gas cleaning and cooling unit, which comprises of a cyclone

separator, water scrubber, water-chiller and a fabric filter, is a synchronized and

customized accessory along with the oxy-steam gasification unit.

6.4.1 Effect of varying WHSV on the liquid fuel cost

By decreasing the WHSV in the FT reactor, the CO conversion increases

and consequently the ratio of mass of liquid fuel to the mass of gas phase hy-

drocarbons (referred to as fuel-gas, which also includes the unconverted syngas),

increases. This ratio is termed as the fuel ratio. The BTL system is designed

such that a part of the fuel-gas energy is used for generating steam for the gasifi-

cation reaction and the rest is converted to electricity in an internal combustion

engine and exported to the grid at the rate of Rs 6/kWh. Decreasing fractions
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Table 6.5: Estimated installed capital, operation and maintenance cost

Unit Capacity Power use Capital Annual O&M Life

(kg/h) (kWe) cost (Rs) cost (Rs) (years)

ASU 250 20 9750000 1927500 10

Steam generator 750 510 1495000 2234750 5

Gasifier 1000 100 30000000 5100000 15

CO2 separator 820 50 22750000 3297500 10

FT reactora 500 250 15000000 4350000 10

FT reactorb 500 250 22500000 4725000 10

FT reactorc 500 280 30000000 8700000 10

FT reactord 500 300 45000000 9450000 10

Engine 0.75 MWe - 24000000 2220000 10

a
WHSV = 2610 ml/(h*gcat)

b
WHSV = 1730 ml/(h*gcat)

c
WHSV = 1310 ml/(h*gcat)

d
WHSV = 873.3 ml/(h*gcat)
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Figure 6.5: Varying capital cost fraction of individual BTL components as a function
of decreasing syngas WHSV in the FT unit

of fuel-gas, reduces the net electricity export to the grid. As a result, the cost

of electricity per unit kilo watt hour increases and also decreases the gross cash
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inflow emerging from the sale of electricity as a product. Fig 6.6 shows a de-

creasing trend in the net grid electricity export with the increasing fuel ratio and

a consequent increase in the effective unit electricity cost. The total electricity

available for export to the grid decreases from 0.35 MWe to 0.17 MWe as the

fuel ratio increases from 0.39 to 0.96.
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Figure 6.6: Effect of increasing fuel-ratio on the net-grid electricity export and on the
electricity generation cost

As the WHSV is reduced from 2610 ml/(h·gcat) to 873.3 ml/(h·gcat), the

CO conversion increases from 43% to 73.1% and the hydrocarbon yield increases

from 0.28 kgC5+/kgsyngas, to 0.49 kgC5+/kgsyngas, with a simultaneous decrease in

the fuel ratio. Fig 6.7 shows a decrease in the liquid fuel cost with increasing fuel

ratio. The unit price of the liquid fuel decreases from Rs 57.80/l to Rs 37.01/l, as

the fuel ratio increases from 0.39 to 0.96. Equivalently, the liquid fuel production

increases from 1000 tonnes/year to 1800 tonnes/year

A possible way to determine the volume of profitability of a BTL plant, is to

estimate the internal rate of return (IRR) for the varying fuel ratio scenarios. A

project with a significantly higher IRR value as compared to the other reviewed

options, indicates a higher rate of growth that a project is expected to return.
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Figure 6.7: Effect of increasing fuel-ratio on annual production rate and the liquid fuel
cost

The present diesel cost in India ranges from from Rs 45/litre to Rs 50/litre. For

the FT operating condition of 0.39 and 0.49 fuel ratio, the estimated liquid fuel

cost is Rs 57.8/litre and Rs 50.4/litre, respectively. Under these conditions, no

profits can be obtained by the sale of generated liquid fuels. However, the volume

of net profits generated is mainly due to the revenues earned from the export of

electricity to the grid at Rs 6/kWh. Even under these conditions, the IRR are

27% and 32% for the BTL plant with the fuel ratio of 0.39 and 0.49, respectively,

which is a clear indication of electricity as major co-product of the BTL plant.

The net investment of Rs 68000/ton (fuel ratio = 0.4) and Rs 58052/ton (fuel

ratio = 0.5) of liquid fuel has a payback period of 4.5 - 5 years. On the other

hand, the net investment of Rs 45000/ton (fuel ratio = 0.78) and Rs 41314/ton

(fuel ratio = 0.96) of liquid fuel has a payback period of 3 - 3.5 years, with an

IRR of 43.17% and 45.06%, considering a liquid fuel selling price of Rs 52.1/l and

the export electricity unit price of Rs 6/kWh. These parameters clearly indicate

that a BTL plant with the CO conversion greater than 60% (fuel ratio > 0.8)

results in an economical and sustainable production of liquid fuels.
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Fig 6.8 shows the variation in the internal rate of return for varying liq-

uid fuel selling price. Ideally, if the IRR of the contemplated BTL scenario is

greater than demanded rate of return on the total investment, that framework

is desirable. In Fig 6.8, for fuel ratio 0.39 and 0.49, the liquid fuel selling price

needs to be greater than Rs 40/litre for an IRR > 20%. Above all, under these

conditions, the positive revenues for the BTL plants are earned entirely from the

sales of generated electricity, instead of liquid fuel. For fuel ratio of 0.96, the IRR

increases by 19.7% with a 45% increase in the liquid fuel selling price. Similarly,

for the fuel ratio of 0.78, the IRR increases by 15.3% when the liquid fuel selling

price increases from its production cost of Rs 38.86/litre to Rs 52.14/litre.
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Figure 6.8: Effect of the variation in the liquid fuel cost on the IRR, considered for
varying fuel ratios
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6.4.2 Sensitivity analysis for cost parameters

Biomass being the raw material, its variation in the cost is bound to exten-

sively affect the liquid fuel cost. Anticipating biomass cost is challenging since it

is coupled with several factors, such as local supply chain, resource availability,

processing costs, land availability, deforestation risks, simultaneous competitive

uses and the sustainability touchstone. Each of these crucial factors influence the

biomass cost directly, or indirectly. Above all, the practicability of biomass based

power plants is associated with the long term availability of biomass feedstock

and low costs. If wastes are employed as a source of biomass, which otherwise

incur disposal costs, the feedstock costs may be avoided. Similarly, for biomass

produced on site, the transportation cost of biomass can be discounted to fur-

ther reduce the costs of biomass per unit kilogram. Fig 6.9 shows the effect of

variation in the cost of liquid fuel with varying biomass cost. The base cost of

biomass is considered to be Rs 4/kg and, a two fold increase in the biomass

cost increases the fuel cost by 40% - 45%. For a fuel ratio of 0.96, a doubling

increase in the biomass cost, elevates the cost of liquid fuel from Rs 37.01/l to

Rs 50.4/l. Similarly, for a fuel ratio of 0.4, a two fold increase in the biomass

cost, increases the liquid fuel cost from Rs 57.80/l to Rs 86.5/l. The plot clearly

indicates that a sustainable and cost effective source of biomass is absolutely

essential for continual and propitious operation of the BTL plant.

Identical to the biomass cost, the operation and maintenance (O&M) cost

are subject to variation. Hence, an estimate on the effect of variation in the O&M

costs on the product cost needs to be evaluated. O&M costs are the expenses

incurred in the servicing and repair of associated equipments, staff remuneration,

facility planning and management and utility services. During the duration of

plant operation, the costs associated with these elements may change, affecting

the product cost. Fig 6.10 shows the effect of variation in the O&M costs on

the liquid fuel costs. On an average, the cost of liquid fuel increases by 10% to

14% with 50% increase in the O&M cost. Clearly, the percentage increase in the

fuel cost with O&M costs is not as severe as the effect caused by the increase in

biomass cost.
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Figure 6.9: Liquid fuel cost variation with variation in the biomass cost
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Figure 6.10: Liquid fuel cost variation with variation in the operation and maintenance
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6.5 Summary

The extensive techno-economic analysis was performed to conduct a fea-

sibility study of a biomass to liquid fuel generation plant. The thermochemical

gasification of biomass route to produce liquid fuels via Fischer Tropsch synthesis

can be commercially and sustainably established. Four different conversion scales

of FT reactors were tested. The syngas conversion to liquid fuels were increased

by reducing the WHSV and consequently increasing the CO conversion from

43% to 73%. For a market competitive liquid fuel generation, the CO conversion

should be maintained above 60%. It was shown that the liquid fuel cost for CO

conversion of 65.6% and 73.1% yielded liquid fuels priced at Rs 39.1/litre and

Rs 35.9/litre.

Electricity is a major co-product in the BTL system. Since a major fraction

of FT products remain in the gas-phase, it was shown that the combustion of the

fuel gas in an IC engine can be used to generate electricity, for export to the grid,

sold at Rs 6/kWh. Another major factor affecting the liquid fuel cost, is the price

of biomass. The cost analysis has indicated that a 50% increase in the biomass

cost results in a 15 to 18% increase in the liquid fuel cost. For a sustainable

and long-term operation of the BTL plant, a consistent and economic source of

biomass is absolutely crucial.
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Chapter 7

Conclusions and future work

This thesis has explored an effective way to convert syngas to liquid fuel via the

Fischer Tropsch reaction. Throughout this work, primary focus is fixed towards

the conversion of biomass derived syngas to higher hydrocarbons. Syngas used

in this study is in a simulated form in pressurized cylinders with the H2/CO

ratio of 2.3:1 (70 vol.% H2, 30 vol.% CO). The conditions selected for the conver-

sion process in the reactor are 3 MPa and 573 K. The catalyst was synthesized

in-house and comprised of various synthesis methods and support materials. Sup-

ported cobalt catalysts synthesized by combustion method using novel techniques

enhanced the yield of paraffins as compared to the hydrocarbon yield with cat-

alysts synthesized by the conventional incipient wetness impregnation method.

The combustion synthesis method developed in this work uniquely enables the

FT active metal loading of 20 wt.% over support extrudes for direct use in fixed

bed FT reactors. The developed method permits the controlled synthesis of cat-

alysts, which otherwise results in uncontrolled reactions resulting in powdering

of catalysts and even loss of active components, particularly for metal loading

above 5 wt.%. The dominant catalyst properties that were observed to enhance

the hydrocarbon yield are the following:

� Smaller crystallite size (6.5 nm - 10.5 nm)

� Higher degree of cobalt reduction (∼ 92%)

� Lower metal support interaction and hence metal dispersion in the range

of 13.2% - 16.1%.

It was important to recognize that the synthesized catalysts should not

possess a strong metal support interaction, as usually observed in the case of
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Al2O3 supported catalysts synthesized by the incipient wetness impregnation

method. From the experimental results, it was observed that a strong metal sup-

port interaction largely reduces the degree of metal reduction and decreases the

fraction of active sites available for the syngas conversion. Harnessing the advan-

tage of high temperature combustion synthesis reaction, the alumina supported

cobalt catalysts can be synthesized with decreased concentrations of irreducible

cobalt aluminate compounds, that are prevalent in IWI synthesized catalysts.

The cobalt aluminate compounds exist in stable form at low calcination temper-

atures. The formation of these compounds are further reduced with higher redox

equivalence ratio, observed for CS-φ=1.2 and CS-φ=1.5 catalysts.

Contrary to the general understanding, this work additionally reports that

in spite of higher reduction temperature, the CS catalysts have higher degree

of reduction and high cobalt dispersion. The high reduction temperature for CS

catalysts are attributed to the reduction of surface or subsurface Co2+ ions in the

Co2+-Al3+ spinel structure, that continue to get reduced at higher temperatures.

It should be noted that the catalysts conditions must be created to enhance the

reduction of hardly reducing cobalt support compounds. Furthermore, the cat-

alyst properties listed above also increase the chain growth probability, shifting

the product spectrum to favour the formation of waxes (C24+) instead of middle

distillates.

An alternative route explored to reduce the metal support interaction and

increase the FT activity is by doping the Al2O3 support with 40 wt.% SiO2. The

characterization studies revealed an additional reduction in the metal support

interaction and a corresponding increase in the degree of cobalt reduction. The

fraction of active cobalt sites deposited over SDA supports increased by 11% for

CS catalysts, compared to the Al2O3 -CS catalysts. Besides the reduction in the

metal support interaction, the silica doping into the Al2O3 framework results in

the generation of stronger Bronsted acid sites and increased fraction of Lewis

acid sites on the support surface. The enhanced acid sites that occur due to

bridged hydroxyl group formation across Al and Si atoms, shift the hydrocarbon

spectrum from waxes to middle distillates owing to the conducive conditions for

the considerable cracking of higher hydrocarbons. Therefore, it is important to

note that the choice of catalysts under the given process conditions has a strong

influence on the hydrocarbon product spectrum.
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Overall the combustion synthesized catalysts showed higher FT activity and

higher C5+ selectivity compared to the IWI catalysts. For alumina supported

catalysts, highest syngas conversion was recorded for CS(φ=1.2) catalysts, for

which an almost two fold increase in the CO conversion was observed compared

to Al2O3-IWI catalysts. Only a marginal variation in the C5+ selectivity was

observed for the alumina supported catalysts. For the SDA supported catalysts,

the FT activity additionally increased. A 27% increase in the CO conversion was

observed for SDA-CS catalysts compared to Al2O3 -CS catalysts. Strikingly, the

C2-C5 hydrocarbon mass fraction for SDA supported catalysts was almost 2.4

times higher than the Al2O3 supported catalysts. The higher fraction of gas phase

hydrocarbons for SDA support was attributed to the existence of aluminosilicate

structure, giving it a zeolite like behaviour. Subsequently, a lower C5+ selectiv-

ity was recorded for SDA supported catalysts. Furthermore, the hydrocarbon

product analysis performed in this thesis confirmed the formation of higher hy-

drocarbons/waxes (C24+) on the CS catalysts, implying a higher degree of surface

polymerization for the CS catalysts. Imperatively, this thesis demonstrated the

effect of support on the syngas conversion and the hydrocarbon product spec-

trum. The SDA supported catalysts, despite higher conversion showed reduced

formation of waxes compared to Al2O3 supported catalysts. This occurrence was

plainly ascribed to the higher fraction of acid sites on SDA supported catalysts,

which cause considerable cracking of higher hydrocarbons resulting in the in-

creased fraction of middle distillates instead of waxes. All this effort resulted in

the increased syngas conversion to higher hydrocarbon fuel which included frac-

tions of middle distillates (C10-C24) and waxes (C24+).

A techno-economic analysis was conducted on the basis of:

� a perceived scale of 1000 kg/h of dry biomass throughput (7200

tonnes/year).

� the availability of substantial experimental data (from a parallel study in

the laboratory) that showed that the technology of converting biomass with

oxygen-steam combination requires steam to biomass ratio ranging from 0.8

to 1.2 and an equivalence ratio of 0.1, to generate syngas with H2/CO of

2.1:1.

� the scale of biomass gasifier generating 1100 m3/h of syngas to yield 1500
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tonnes/year of a mix of hydrocarbon fuel (liquid fuel and waxes)

The calculations demonstrated that the market competitive liquid fuel gen-

eration can be attained with a CO conversion greater than 60% and the overall

energy efficiencies under these conditions vary from 45% to 50%. The techno-

economic analysis clearly indicates that a continual and cost effective source

of biomass is absolutely essential for sustainable operation of the BTL plant.

Locally obtained biomass such as industrial wastes, agricultural residues and

municipal solid wastes can be ideally processed as a fuel for syngas production

and subsequent conversion to liquid fuels. An economically affordable and envi-

ronmentally favourable BTL systems present a positively clean carbon neutral

liquid fuels, provided the biomass is sustainably grown, transported, converted

and consumed. For several developing countries, such as India, biomass to liquid

fuel production via Fischer Tropsch synthesis, can be achieved relatively easier as

compared to industrialized countries. This is due to the better-growing climates,

lower labour costs and in some cases, even lower capital costs.

7.1 Future work

This study has demonstrated an effective utilization of combustion synthe-

sized cobalt catalysts for the conversion of syngas to higher hydrocarbons via FT

reactions. It has also led to the evolution of combustion parameters that lead to

high syngas conversion efficiencies. Eventually, it is crucial to specify that two

kinds of catalysts have been designed and tested - one exclusively for the pro-

duction of liquid hydrocarbons (diesel) and the other for the production of heavy

waxes. In the authors’ view, further development in the catalyst properties need

to be evolved, especially to synthesize cobalt catalyst in a single step without

the need for further reduction. This work is currently advancing.
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Appendix A

XRD - instrumental broadening

analysis

The widening of diffraction peaks due to the instrumental effect was evaluated

using the refinement of the XRD pattern of a silicon polycrystalline standard

sample (ICSD-51688 ). Fig A.1 shows the x-ray diffraction pattern for the silicon

polycrystalline standard, which is used to evaluate the contribution of instru-

mental peak broadening. Fig A.2, shows “2-theta” plotted against FWHM (βstd)

of the Si-polycrystalline x-ray diffraction peaks. The values of βstd are obtained

for 2-theta peaks of the sample XRD spectrum. The effective FWHM, incorpo-

rating the instrumental broadening is evaluated using Eqn.A.1, where βcrys is

the FWHM of the cobalt catalyst at a given 2-θ and βstd is the FWHM of the

Si-polycrystalline at the same 2-θ.

βe =
√
β2
crys − β2

std (A.1)
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Figure A.1: X-ray diffraction pattern of the Si-polycrystalline standard
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Figure A.2: 2-theta vs FWHM for Si-polycrystalline standard
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Appendix B

Gas chromatograph calibration

B.1 GC - TCD-FID

The exit gas composition were analysed by two online gas chromatograms.

The Mayura analytical GC-1100 was equipped with a thermal conductivity de-

tector (TCD) to identify, CO, H2 and CO2. The hydrocarbon gas products were

analysed using an online Perkin Elmer GC, equipped with the FID detector. The

methods of analyses for TCD and FID operations are listed in Table B.1.

Table B.1: GC - TCD - FID parameters

GC Perkin Elmer - Clarus 680

Column Elite - Alumina (Capillary)
Oven ramp rate (K/min) 5
Oven initial temperature (K) 313
Oven final temperature (K) 473
Column length (m) 30
Column i.d. (mm) 0.53
Injector temperature (K) 523 (PSS injector)
Sample injection volume (µL) 5
Detector FID
Detector temperature (K) 473
Carrier gas He
Carrier gas flow rate (ml/min) 1
FID - H2 flow rate (ml/min) 40
FID - Air flow rate (ml/min) 400

GC Mayura analytical - GC 1100

Column Molecular sieve & HaySep-A (Packed)
Operation Column switching / Isothermal
Detector TCD
Oven temperature (K) 313
Carrier gas He
Carrier gas flow rate (ml/min) 40

The FID is calibrated using standard gas mixtures, as listed in Table B.2.
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Table B.2: Calibration factors for the gas phase hydrocarbon standards (C1 - C5)

Component Retention time Composition Chromatogram Calibration

(min) (Vol%) area factor

CH4 1.07 4.99 3795.9 1.32e-02

C2H6 1.13 5.02 7577.6 6.63e-04

C2H4 1.18 5.14 7662.0 6.71e-04

C2H2 1.74 5.03 6886.9 7.30e-04

C3H8 1.29 5.02 11374.8 4.41e-04

C3H6 1.53 5.01 10549.4 4.75e-04

C4H10 1.8 5.16 14908.7 3.46e-04

C5H12 3.42 5.16 18166.79 2.84e-04

The chromatogram for the gas phase hydrocarbon standard are shown in Fig B.1

Figure B.1: GC-FID chromatogram for gas phase hydrocarbon standards

B.2 GC - MS

The liquid hydrocarbons are analysed using the Perkin Elmer Clarus SQ8

MS. The hydrocarbon compunds are identified using NIST 13 Mass Spectral

Library. Fig B.2 shows the chromatogram for the liquid hydrocarbon standards

and, the calibration constants for these standards are listed Table B.3.
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Figure B.2: GC-MS chromatogram for liquid hydrocarbon standards

Table B.3: Calibration factor for liquid hydrocarbon standards (C10 - C24)

Component Retention time Composition Chromatogram Calibration

(min) (wt.%) area factor

C10H22 11.07 1.37 8.30e08 1.65e-09

C12H26 16.85 1.82 1.32e09 1.38e-09

C14H30 22.26 2.28 1.95e09 1.17e-09

C16H34 27.11 2.73 2.47e09 1.11e-09

C18H38 31.29 2 1.05e09 1.91e-09

C20H42 35.24 2 1.09e09 1.84e-09

C22H46 38.83 2 1.16e09 1.73e-09

C24H50 42.13 2 1.20e09 1.66e-09
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Appendix C

FT exit gas composition

The following tables list the exit gas composition measured using an online gas

chromatograph and and the exit gas flow rates, as measured using the water

displacement technique. The values are recorded at T = 503 K, P = 3 MPa and

WHSV = 1730 ml/(h·gcat)

Table C.1: FT product gas composition and flow rate for Al2O3 - IWI catalysts

Time CO CO2 CH4 C2H6 C2H4 C3H8 C3H6 C2H2 C4H10 C5H12 H2 F

(h) vol.(%) (l/min)

0 31.28 0.54 2.10 0.12 0.03 0.06 0.00 0.15 0.03 0.00 76.49 0.13

10 31.20 0.55 2.20 0.13 0.03 0.06 0.00 0.18 0.04 0.00 75.10 0.13

20 30.40 0.57 2.20 0.14 0.04 0.07 0.00 0.19 0.05 0.00 73.10 0.13

30 29.60 0.58 2.40 0.14 0.04 0.07 0.00 0.21 0.04 0.00 68.20 0.13

40 27.38 0.59 2.41 0.15 0.05 0.08 0.00 0.26 0.05 0.02 61.52 0.13

50 28.10 0.58 2.40 0.15 0.05 0.07 0.00 0.26 0.05 0.00 60.30 0.13

60 27.60 0.61 2.30 0.16 0.03 0.08 0.00 0.25 0.05 0.00 61.50 0.13

70 27.40 0.58 2.40 0.15 0.05 0.06 0.00 0.27 0.06 0.00 62.40 0.13

80 27.17 0.60 2.39 0.15 0.05 0.08 0.00 0.26 0.06 0.03 63.03 0.13

90 27.60 0.62 2.30 0.15 0.05 0.06 0.00 0.24 0.04 0.00 63.60 0.13

100 27.60 0.59 2.30 0.15 0.05 0.07 0.00 0.23 0.03 0.00 63.20 0.12

110 27.40 0.58 2.10 0.13 0.04 0.06 0.00 0.18 0.04 0.00 63.80 0.12

120 27.33 0.60 1.93 0.11 0.04 0.05 0.00 0.16 0.02 0.00 63.13 0.12

130 27.80 0.56 2.10 0.12 0.03 0.06 0.00 0.17 0.03 0.00 64.10 0.12

140 27.40 0.55 1.90 0.11 0.04 0.05 0.00 0.16 0.02 0.00 64.30 0.12

150 27.80 0.54 2.10 0.12 0.04 0.04 0.00 0.13 0.02 0.00 64.60 0.12

160 28.01 0.54 1.96 0.11 0.03 0.04 0.00 0.14 0.01 0.00 65.35 0.12
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Table C.2: FT product gas composition and flow rate for Al2O3 - CS catalysts

Time CO CO2 CH4 C2H6 C2H4 C3H8 C3H6 C2H2 C4H10 C5H12 H2 F

(h) vol.(%) (l/min)

0 29.07 0.36 3.34 0.18 0.03 0.12 0.00 0.17 0.05 0.01 62.74 0.11

10 29.20 0.37 3.40 0.19 0.03 0.12 0.00 0.17 0.05 0.01 62.00 0.11

20 29.20 0.40 3.40 0.20 0.03 0.12 0.00 0.17 0.05 0.01 58.80 0.11

30 29.10 0.42 3.50 0.20 0.03 0.13 0.00 0.17 0.05 0.01 54.60 0.11

40 29.15 0.45 3.65 0.21 0.03 0.13 0.00 0.18 0.05 0.01 53.82 0.11

50 29.20 0.43 3.80 0.20 0.03 0.13 0.00 0.18 0.05 0.01 54.60 0.11

60 29.20 0.40 3.40 0.19 0.03 0.13 0.00 0.19 0.06 0.02 55.80 0.10

70 29.20 0.38 3.20 0.19 0.03 0.13 0.00 0.19 0.07 0.02 57.40 0.10

80 29.29 0.35 3.21 0.18 0.03 0.12 0.00 0.19 0.06 0.02 58.56 0.10

90 29.30 0.33 3.50 0.18 0.03 0.12 0.00 0.19 0.06 0.02 60.10 0.10

100 29.20 0.33 3.40 0.18 0.03 0.12 0.00 0.19 0.06 0.02 62.20 0.11

110 29.30 0.31 3.20 0.19 0.03 0.12 0.00 0.19 0.06 0.02 64.50 0.11

120 29.28 0.31 3.37 0.19 0.03 0.12 0.00 0.19 0.06 0.02 65.15 0.11

130 29.30 0.31 3.10 0.19 0.03 0.12 0.00 0.19 0.06 0.02 63.10 0.11

140 29.30 0.30 3.20 0.18 0.03 0.12 0.00 0.19 0.06 0.02 63.40 0.11

150 29.30 0.30 3.50 0.19 0.03 0.12 0.00 0.19 0.06 0.02 62.10 0.11

160 29.28 0.30 3.46 0.19 0.03 0.12 0.00 0.19 0.06 0.02 62.00 0.10
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Table C.3: FT product gas composition and flow rate for Al2O3 - φ=1.2 catalysts

Time CO CO2 CH4 C2H6 C2H4 C3H8 C3H6 C2H2 C4H10 C5H12 H2 F

(h) vol.(%) (l/min)

0 23.48 1.80 11.18 0.75 0.02 0.56 0.16 0.03 0.23 0.07 56.08 0.06

10 23.40 1.40 11.30 0.71 0.02 0.55 0.15 0.03 0.21 0.05 56.10 0.06

20 23.60 1.30 10.80 0.68 0.02 0.50 0.15 0.03 0.20 0.04 55.50 0.06

30 24.20 1.20 9.60 0.64 0.02 0.48 0.14 0.03 0.17 0.03 54.20 0.06

40 24.74 1.20 8.50 0.57 0.02 0.41 0.13 0.03 0.16 0.02 53.44 0.06

50 24.80 1.10 8.20 0.54 0.02 0.40 0.13 0.03 0.16 0.02 53.80 0.07

60 25.20 0.80 8.00 0.54 0.02 0.39 0.13 0.03 0.17 0.03 54.10 0.07

70 26.10 0.70 7.80 0.53 0.02 0.39 0.12 0.03 0.17 0.03 54.80 0.07

80 26.12 0.55 7.65 0.51 0.02 0.39 0.13 0.03 0.17 0.03 55.16 0.08

90 26.30 0.60 7.50 0.51 0.02 0.39 0.12 0.03 0.15 0.03 56.20 0.08

100 26.60 0.50 7.40 0.52 0.02 0.38 0.13 0.03 0.16 0.03 56.90 0.08

110 26.40 0.80 7.60 0.52 0.02 0.38 0.12 0.03 0.15 0.03 58.30 0.08

120 26.70 0.82 7.77 0.51 0.02 0.38 0.13 0.02 0.15 0.03 61.31 0.08

130 26.40 0.70 7.40 0.48 0.02 0.38 0.13 0.02 0.15 0.03 61.40 0.08

140 26.20 0.60 7.80 0.47 0.02 0.37 0.12 0.02 0.15 0.03 61.60 0.08

150 26.40 0.80 7.60 0.44 0.02 0.36 0.12 0.02 0.15 0.04 61.40 0.08

160 26.34 0.77 7.45 0.43 0.02 0.36 0.12 0.02 0.15 0.04 61.31 0.08
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Table C.4: FT product gas composition and flow rate for Al2O3 - φ=1.5 catalysts

Time CO CO2 CH4 C2H6 C2H4 C3H8 C3H6 C2H2 C4H10 C5H12 H2 F

(h) vol.(%) (l/min)

0 29.34 0.50 4.90 0.30 0.02 0.21 0.11 0.01 0.08 0.02 56.08 0.08

10 28.96 0.54 4.60 0.30 0.02 0.21 0.11 0.01 0.08 0.02 56.10 0.08

20 28.97 0.56 4.70 0.30 0.02 0.21 0.11 0.01 0.08 0.02 55.50 0.08

30 30.10 0.45 4.50 0.30 0.02 0.21 0.11 0.01 0.08 0.02 54.20 0.08

40 28.00 0.38 4.53 0.28 0.02 0.20 0.12 0.00 0.08 0.02 53.44 0.08

50 30.20 0.43 4.70 0.28 0.02 0.20 0.12 0.00 0.08 0.02 53.80 0.08

60 29.90 0.32 4.80 0.28 0.02 0.20 0.12 0.00 0.08 0.02 54.10 0.09

70 29.10 0.29 4.80 0.28 0.02 0.20 0.12 0.00 0.08 0.02 54.80 0.09

80 30.15 0.24 4.91 0.28 0.03 0.19 0.12 0.01 0.08 0.03 55.16 0.09

90 30.15 0.23 4.50 0.28 0.03 0.19 0.12 0.01 0.08 0.03 56.20 0.09

100 29.85 0.33 4.20 0.28 0.03 0.19 0.12 0.01 0.08 0.03 56.90 0.09

110 29.12 0.30 4.00 0.28 0.03 0.19 0.12 0.01 0.08 0.03 58.30 0.10

120 29.98 0.24 3.91 0.24 0.02 0.20 0.16 0.01 0.16 0.06 61.31 0.10

130 30.15 0.23 3.90 0.24 0.02 0.20 0.16 0.01 0.16 0.06 61.40 0.10

140 29.85 0.33 3.90 0.24 0.02 0.20 0.16 0.01 0.16 0.06 61.60 0.10

150 29.12 0.30 3.80 0.24 0.02 0.20 0.16 0.01 0.16 0.06 61.40 0.10

160 29.98 0.30 3.74 0.24 0.03 0.19 0.15 0.00 0.13 0.05 61.31 0.10
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Table C.5: FT product gas composition and flow rate for SDA-IWI catalysts

Time CO CO2 CH4 C2H6 C2H4 C3H8 C3H6 C2H2 C4H10 C5H12 H2 F

(h) vol.(%) (l/min)

0 27.70 0.27 3.80 0.43 0.00 0.23 0.21 0.00 0.10 0.00 65.40 0.12

10 26.80 0.27 3.60 0.44 0.00 0.24 0.23 0.00 0.10 0.01 65.60 0.12

20 26.20 0.27 3.40 0.47 0.00 0.25 0.25 0.00 0.11 0.01 65.40 0.12

30 25.80 0.27 3.60 0.48 0.00 0.26 0.25 0.00 0.11 0.02 65.30 0.12

40 25.61 0.26 3.50 0.48 0.00 0.26 0.25 0.00 0.11 0.02 65.30 0.12

50 25.60 0.26 3.40 0.49 0.00 0.26 0.26 0.00 0.11 0.02 66.30 0.12

60 25.60 0.26 3.40 0.49 0.00 0.26 0.27 0.00 0.12 0.02 66.80 0.12

70 25.70 0.26 3.30 0.48 0.00 0.26 0.28 0.00 0.12 0.03 67.20 0.13

80 25.65 0.26 3.30 0.49 0.00 0.26 0.28 0.00 0.12 0.03 67.40 0.12

90 25.90 0.25 3.30 0.46 0.00 0.25 0.28 0.00 0.12 0.02 67.10 0.12

100 25.90 0.23 3.20 0.45 0.00 0.25 0.26 0.00 0.12 0.02 66.70 0.12

110 26.10 0.22 3.20 0.44 0.00 0.24 0.26 0.00 0.11 0.02 65.70 0.13

120 26.19 0.22 3.10 0.44 0.00 0.23 0.26 0.00 0.11 0.02 65.20 0.13

130 26.20 0.20 3.20 0.44 0.00 0.23 0.26 0.00 0.11 0.02 66.10 0.12

140 26.20 0.20 3.10 0.44 0.00 0.23 0.26 0.00 0.11 0.02 66.80 0.12

150 26.20 0.19 3.00 0.44 0.00 0.23 0.26 0.00 0.11 0.02 67.20 0.12

160 26.14 0.19 2.90 0.44 0.00 0.22 0.26 0.00 0.11 0.02 67.40 0.12
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Table C.6: FT product gas composition and flow rate for SDA-CS catalysts

Time CO CO2 CH4 C2H6 C2H4 C3H8 C3H6 C2H2 C4H10 C5H12 H2 F

(h) vol.(%) (l/min)

0 27.03 0.47 6.50 0.60 0.03 0.32 0.30 0.00 0.11 0.00 51.84 0.10

10 27.10 0.48 6.10 0.65 0.03 0.35 0.34 0.00 0.12 0.00 51.52 0.10

20 26.80 0.50 6.60 0.68 0.03 0.38 0.36 0.00 0.15 0.00 51.43 0.09

30 26.60 0.52 7.20 0.72 0.03 0.42 0.39 0.00 0.16 0.00 51.26 0.09

40 26.17 0.53 7.80 0.75 0.03 0.45 0.43 0.00 0.18 0.00 51.13 0.09

50 26.40 0.49 7.90 0.76 0.03 0.46 0.48 0.00 0.20 0.00 50.84 0.09

60 26.50 0.44 7.50 0.78 0.03 0.49 0.50 0.00 0.23 0.00 50.34 0.09

70 26.60 0.42 7.40 0.79 0.03 0.51 0.52 0.00 0.25 0.00 49.49 0.09

80 26.69 0.41 7.61 0.79 0.03 0.52 0.53 0.00 0.27 0.00 47.66 0.09

90 26.63 0.41 7.54 0.79 0.04 0.52 0.52 0.00 0.27 0.00 48.10 0.09

100 26.64 0.39 7.50 0.77 0.03 0.52 0.55 0.00 0.27 0.00 48.40 0.09

110 26.62 0.04 7.46 0.76 0.04 0.51 0.51 0.00 0.27 0.00 48.62 0.09

120 26.60 0.39 7.40 0.75 0.04 0.51 0.50 0.00 0.27 0.00 49.20 0.10

130 26.40 0.38 7.21 0.71 0.04 0.49 0.46 0.00 0.25 0.00 49.00 0.09

140 26.84 0.37 6.84 0.65 0.04 0.42 0.41 0.00 0.25 0.00 50.40 0.10

150 26.94 0.37 6.21 0.58 0.03 0.35 0.34 0.00 0.19 0.00 50.92 0.10

160 27.06 0.36 5.70 0.51 0.03 0.28 0.30 0.00 0.11 0.00 51.40 0.10
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Appendix D

XPS - Survey spectra

The survey spectra, also referred to as the wide scan spectra of the catalyst sam-

ples are shown in the figures below. The binding energy values for the dominant

elements are obtained from the NIST database [Naumkin et al., 2008] and from

[Khassin et al., 2001]. For SDA supported cobalt catalysts the inset plots indicate

the Al2p and Si2p binding energy peaks.
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Figure D.1: Survey spectra of Al2O3 - IWI cobalt catalysts
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Figure D.2: Survey spectra of Al2O3 - CS cobalt catalysts
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Figure D.3: Survey spectra of SDA - IWI cobalt catalysts
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Figure D.4: Survey spectra of SDA - CS cobalt catalysts
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Ginesa Blanco, Jose M Pintado, and Cristina Freire. [VO (acac) 2] hybrid

catalyst: from complex immobilization onto silica nanoparticles to catalytic

application in the epoxidation of geraniol. Catalysis Science & Technology, 1

(5):784–793, 2011.

[Phienluphon et al., 2014] Rungravee Phienluphon, Lei Shi, Jian Sun, Wenqi Niu, Peng

Lu, Pengfei Zhu, Tharapong Vitidsant, Yoshiharu Yoneyama, Qingjun Chen,

and Noritatsu Tsubaki. Ruthenium promoted cobalt catalysts prepared by

an autocombustion method directly used for fischer–tropsch synthesis without

further reduction. Catalysis Science & Technology, 4(9):3099–3107, 2014.

[Powell and Larson, 1978] CJ Powell and PE Larson. Quantitative surface analysis

by X-ray photoelectron spectroscopy. Applications of Surface Science, 1(2):

186–201, 1978.

[Pradhan et al., 2009] A Pradhan, DS Shrestha, A McAloon, W Yee, M Haas,

JA Duffield, and H Shapouri. Energy life-cycle assessment of soybean biodiesel.

United States, Department of Agriculture, Agricultural Economic Report,

(845), 2009.

[Prakash et al., 2002] AS Prakash, AMA Khadar, KC Patil, and MS Hegde. Hexam-

ethylenetetramine: A new fuel for solution combustion synthesis of complex

metal oxides. Journal of Materials Synthesis and Processing, 10(3):135–141,

2002.

[Rafiq et al., 2011] Muhammad Hamid Rafiq, Hugo Atle Jakobsen, Rudolf Schmid,

and Johan Einar Hustad. Experimental studies and modeling of a fixed bed

reactor for fischer–tropsch synthesis using biosyngas. Fuel processing technol-

ogy, 92(5):893–907, 2011.

[Regalbuto, 2006] John Regalbuto. Catalyst preparation: science and engineering.

CRC Press, 2006.

158



[Sandeep and Dasappa, 2014] K Sandeep and S Dasappa. Oxy–steam gasification of

biomass for hydrogen rich syngas production using downdraft reactor config-

uration. International Journal of Energy Research, 38(2):174–188, 2014.

[Schanke et al., 1995] D Schanke, S Vada, EA Blekkan, AM Hilmen, A Hoff, and A Hol-

men. Study of Pt-promoted cobalt CO hydrogenation catalysts. Journal of

Catalysis, 156(1):85–95, 1995.

[Schuchardt et al., 1998] Ulf Schuchardt, Ricardo Sercheli, and Rogério Matheus Var-
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